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Introduction
Canada has had a rich history in hydrometallurgical
research and development, and Canadian companies have
an enviable record in the implementation of
hydrometallurgical processes, both in Canada and abroad.
The following chapter provides a summary of Canadian
hydrometallurgical highlights from the past fifty years.
Subjects covered include leaching, solvent extraction,
electrowinning and electrorefining, biohydrometallurgy,
and the environment.

horizontal autoclaves, was designed by Sherritt for Impala
Platinum in 1969 (Plasket and Romanchuk, 1978).
Development of acid pressure leaching processes to treat
zinc sulphide concentrates followed, along with related
developments in the treatment of uranium ore and in the
treatment of refractory gold ores and concentrates. In
addition to Sherritt, numerous Canadian companies and
academic institutions have contributed to advances in the
understanding of pressure leaching processes and in the
development of commercial applications during this time,
as outlined in the following sections.

Leaching
Pressure Leaching
The leaching of base metal sulphide concentrates at
elevated temperatures and pressures was first successfully
applied commercially in the 1950s. The pioneers in the
field were the Chemical Construction Company and
Sherritt Gordon Mines Limited (now Sherritt International
Corporation).
The
horizontal,
multi-compartment
autoclave that was developed at that time continues to be
the preferred equipment for pressure leaching processes
(Figures 1 and 2).
The Sherritt nickel refinery at Fort Saskatchewan,
Alberta, Canada commenced operation in 1954, using the
ammonia pressure leaching process invented by Professor
Frank Forward of the University of British Columbia to
leach nickel sulphide concentrate in the first step of a
totally hydrometallurgical process to produce refined
nickel powder (Forward, 1953). The plant continues to
operate successfully, following numerous process
modifications over the years to accommodate changes in
feed composition and production capacity (Kerfoot, 1989;
Kerfoot and Cordingley, 1997). The most significant of
these process changes has been the conversion to the
hexammine leach process in the 1990s, to accommodate
processing of mixed nickel-cobalt sulphides from Moa
Nickel (see below).
Following commissioning of the Fort Saskatchewan
refinery, Sherritt continued to develop pressure leaching
technology for the treatment of a wide variety of feed
materials. An acid pressure leaching circuit for the
treatment of nickel-cobalt sulphides was installed in Fort
Saskatchewan in 1962 and a similar circuit was licensed to
Outokumpu in 1967. The first acid pressure leaching
process for the treatment of nickel-copper matte, using

Figure 1. Sherritt ammonia leach autoclave,
Fort Saskatchewan, Alberta, 1954

Figure 2. Hudson Bay Mining & Smelting zinc pressure
leach autoclaves, Flin Flon, Manitoba, 1993
Acid Pressure Leaching of Nickel-Copper Matte
Sulphuric acid leaching of nickel from sulphur-deficient
nickel-copper matte at atmospheric pressure has been

295
The Canadian Metallurgical & Materials Landscape 1960 to 2011

used by Outokumpu at the Harjavalta Refinery since 1960
and Inco’s Thompson Refinery used the same leaching
chemistry to dissolve nickel from ground matte to maintain
the nickel balance in the matte anode refining process
(Boldt and Queneau, 1967, p. 368-374). The atmospheric
acid leach provides only limited extraction of nickel and
copper from the matte, so that the leach residue must be
recycled to the smelter. During the 1950s Sherritt
conducted extensive pilot scale testing of sulphuric acid
pressure leaching on a range of nickel-cobalt sulphide
precipitates and nickel-copper mattes (Evans et al., 1973).
This work established the basis for either quantitative
leaching of both nickel and copper sulphides from matte,
or for the selective leaching of nickel to produce high
strength nickel sulphate solution and a predominantly
copper sulphide residue.
In the mid-1960s, when the Impala Platinum mine was
under development in South Africa, Sherritt was asked to
look at the feasibility of using pressure leaching to treat
nickel-copper matte to quantitatively dissolve the nickel
and copper sulphides, to produce a high-grade platinum
group metal (PGM)-containing residue, as an alternative to
the established matte slow cooling and magnetic
separation route for PGM upgrading, which is employed by
Inco (now Vale) and Rustenburg Platinum Mines.
The pressure leaching flow sheet developed by
Sherritt (Plasket and Romanchuk, 1978) consisted of two
brick-lined four-compartment autoclave stages, operating
at 135ºC using air as the oxidizing agent. The first stage
treated ground nickel-copper matte in sulphuric acid
solution, using recycled spent copper electrowinning
electrolyte as the acid source. The conditions were tailored
to maximize nickel extraction, with the first two
compartments operating under oxidizing conditions with
air sparging, while ensuring near quantitative precipitation
of copper in the third and fourth compartments, operating
under oxygen-starved conditions. The leaching and copper
precipitation reactions can be represented by the following
simple equations, although the chemistry is known to be
more complex (Hofirek and Kerfoot, 1992):
Ni3S2 + H2SO4 + 0.5 O2 → NiSO4 + 2 NiS + H2O
Ni⁰ + H2SO4 + 0.5 O2 → NiSO4 + H2O
NiS + CuSO4 → NiSO4 + CuS
In the Impala base metal refinery the high strength
nickel sulphate product solution is purified for removal of
copper and iron, prior to recovery of the nickel as powder
or briquettes by high pressure hydrogen reduction (Plasket
and Romanchuk, 1978).
The second pressure leaching stage treats the first
stage residue in spent copper electrolyte, under more
oxidizing and more acidic conditions, with air sparging into
all four compartments, to dissolve the remaining nickel
and copper sulphides.

NiS + 2 O2 → NiSO4
Cu2S + 0.5 O2 + H2SO4 → CuS + CuSO4 + H2O
CuS + 2 O2 → CuSO4
The leach residue from the second stage typically
contains over 99% of the PGM values of the matte, with
less than 1% of the nickel and copper sulphides. This high
grade PGM concentrate is further up-graded to remove
final traces of base metals and iron, prior to treatment in
the platinum refinery. The second stage pressure leach
liquor containing both nickel and copper sulphates is
treated with sulphur dioxide to precipitate selenium as
copper selenide and copper is recovered by direct
electrowinning. The Impala pressure leaching plant was
commissioned in 1969 and is still operating after forty
years with essentially the same flow sheet.
A similar two stage pressure leaching process for the
treatment of a low-PGM nickel-copper matte was adopted
by Rustenburg Refiners in 1982, where the horizontal
autoclaves replaced an earlier circuit using an oxidizing
pressure leach in vertical column reactors. In this plant the
nickel is recovered as high purity cathode (Hofirek and
Halton, 1990). The Sherritt process was subsequently
simplified by replacing the first stage pressure leach with
an atmospheric acid leach, using oxygen as the oxidizing
agent, with intensive agitation to promote gas transfer, for
application in lower tonnage base metal refineries (Kerfoot
et al., 1986). Nickel is recovered as crystalline nickel
sulphate, thereby avoiding the cost of nickel metal
production and providing a sulphate bleed from the
process. This flow sheet was adopted by Western Platinum
in 1985 (Brugman and Kerfoot, 1986), Barplats (now
owned by Eastern Platinum) in 1989, Northam Platinum in
1991 (Berezowsky et al., 1991) and Stillwater Mining in
1996. All except the Barplats plant are currently in
operation.
The Sherritt Hexammine Leach of Nickel-Cobalt Sulphides
The Sherritt Nickel Refinery, commissioned in 1954, using
the ammoniacal ammonium sulphate pressure leach nickel
refining process, ran for nearly forty years with only minor
process modifications, treating a mix of feeds including
nickel sulphide concentrates, low-Cu nickel mattes and
nickel sulphate. The leach operated at temperatures of 80
to 95ºC in eight continuous horizontal four-compartment
autoclaves, using compressed air at 800 kPa as the oxidant.
Cobalt contained in the nickel feeds was recovered as a 1:1
Ni:Co sulphide precipitate, which was treated, along with
custom Co feeds, in a separate cobalt refining plant, using
acid pressure leaching and the “Pentammine” cobalt-nickel
separation process (Boldt and Queneau, 1967, p. 299-313).
As the availability of the traditional feed materials
dwindled, the opportunity arose in 1990 to refine the
nickel-cobalt sulphide intermediate product from the Moa
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Bay laterite operation, which had previously been
processed in the USSR. Historically, high cobalt-content
feeds such as the Moa sulphides (55% Ni, 5.5% Co) were
not considered treatable in the ammonia pressure leach,
since cobalt extractions were typically less than 50%. It was
generally believed that the iron oxide (hematite) residues
from the leaching of pentlandite concentrates adsorbed
cobalt strongly and preferentially.
Laboratory test work on the separate pressure
leaching of Moa sulphides showed that it was possible to
retain cobalt in the ammoniacal nickel pressure leach
solution up to concentrations of 10 to 15 g/L, compared
with the normal limit of about 2 g/L, provided that the free
ammonia level was controlled at an ammonia:Ni+Co level
of 6:1 or less (hence the Hexammine Leach). It was also
observed that with higher ammonia concentrations in the
leach solution, cobalt was precipitated as an orange
crystalline salt, which re-dissolved when the leach residue
was washed with water.
These observations provided the basis for the
development of a modified ammoniacal ammonium
sulphate pressure leaching process, suitable for treating
the Moa Bay sulphides with high Ni and Co recovery, which
in turn led to a more efficient and relatively inexpensive
process for separating cobalt from nickel (Kerfoot, 1995).
Research soon confirmed that most of the 10 to 15 g/L Co
content of the leach liquor could be precipitated by
sparging gaseous ammonia into the filtered leach liquor at
ambient temperature. The needle-shaped crystalline
precipitate proved to be a triple salt of Ni(II) and Co(III)
hexammine sulphates with ammonium sulphate. The
major reactions occurring in the leach can be represented
by the following equations:

the leach conditions, but did not require any additional
autoclave capacity for leaching. The use of ammonia for
precipitation made it necessary to augment the existing
ammonia distillation and recovery circuits. The hydrogen
reduction plant for cobalt powder production was also
expanded to handle the twofold increase in cobalt
production.
The new flow sheet was ‘frozen’ on the basis of
laboratory testing in mid-1991. Pilot testing was carried
out concurrently with initial plant design, modification and
construction during the winter of 1991-92, with initial
treatment of limited quantities of Moa Bay sulphides
starting in mid-1992, in parallel with continued treatment
of nickel concentrate and matte. The operation was
considered sufficiently promising for Sherritt to commit to
processing larger tonnages of Moa Bay sulphides as the
primary refinery feed. This necessitated a further
expansion and optimization of the cobalt separation and
recovery circuits, with the expanded design throughput
rate being attained early in 1994 (Kerfoot and Cordingley,
1997).
The Hexammine Leach and associated cobalt nickel
separation circuits have been steadily upgraded over the
past fifteen years of operation by equipment debottlenecking and continuous process improvement, with
annual nickel and cobalt production increasing from
21,000 tonnes Ni and 1,820 tonnes Co in 1994 to
28,000 tonnes Ni and 2,850 tonnes Co by 2000. Current
refined metal production capacity (2010) is 34,000 t/y Ni
and 3,700 t/y Co.

NiS + 2 O2 + 6 NH3 → Ni(NH3)6SO4

The direct hydrometallurgical treatment of copper and
nickel sulphide concentrates, by leaching, solution
purification and electrowinning, offers the potential to
eliminate the conventional smelting step in the production
of these metals from sulphide ores. The oxidative pressure
leaching at 145 to 150ºC of base metal sulphides in
sulphate solutions containing low concentrations of
chloride (2 to 30 g/L Cl) has been studied extensively over
the past 40 years at laboratory, mini-pilot plant and pilot
plant scale by Noranda, Inco and Teck Cominco. The
attraction of this leaching process for the treatment of
copper and nickel sulphides concentrates is that it offers
rapid and near quantitative extraction of the base metal
with minimal extraction of iron and a high yield of sulphur
as elemental sulphur. The presence of chloride largely
eliminates the wetting of partially-reacted sulphide
particles with molten sulphur, which is the major obstacle
to high metal extraction in the pressure leaching of copper
sulphide concentrates in sulphate solution in this
temperature range. The recovery of most of the sulphur in
elemental form, rather than as sulphate, means that the
consumption of oxygen is only a fraction of the
requirement in the sulphate system at higher

2 CoS + 4.5 O2 + 10 NH3 + (NH4)2SO4 → [Co(NH3)6]2(SO4)3 +
H2O
The complex Co-Ni salt precipitated from the liquor by
sparging ammonia is believed to have the composition
[Co(NH3)6]2(SO4)3.2Ni(NH3)6SO4.(NH4)2SO4.xH2O. Re-pulping
this “triple” salt in a limited amount of water selectively redissolves the nickel salt, leaving a relatively pure cobalt(III)
hexammine sulphate salt. Recrystallization of the
intermediate cobalt(III) hexammine salt in ammonium
sulphate solution removes the remaining nickel, as well as
traces of copper, zinc and cadmium, to yield high purity
crystalline cobalt(III) hexammine sulphate, suitable as feed
to Sherritt’s cobalt powder plant. The Co:Ni ratio in the
recrystallized cobalt(III) salt is typically 10,000:1 or greater,
comfortably exceeding market specifications for nickel in
cobalt powder product.
Implementation of this new process for the treatment
of major amounts of Moa Bay Ni-Co sulphides in the
Sherritt Refinery required changes to the process
configuration of the autoclave circuits and optimization of

Chloride-Assisted Acid Pressure Leach of Sulphide
Concentrates
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temperatures. On the other hand, the presence of chloride
in the leach solution presents challenges in the selection of
materials of construction for the autoclave, for which
titanium is generally the only economic option, despite the
known risk of accidental ignition when in contact with
molten sulphur in a dry oxygen atmosphere.
Only in the past decade have mining companies had
sufficient confidence in the technology to proceed to the
commercial scale, with the 10,000 t/y copper semiindustrial demonstration plant designed by CESL for Vale
which is currently in operation in Carajas, Brazil (Defreyne
and Cabral, 2009) and Vale Inco’s 60,000 t/y Ni Voisey’s
Bay Nickel plant, currently under construction by Vale at
Long Harbour in Newfoundland (Stevens et al., 2009).

process flow sheet based on the chloride-assisted pressure
leaching of chalcopyrite, for the production of high quality
cathode copper directly from copper concentrates (Jones,
1997). Unlike the Noranda flow sheet, the CESL process
utilizes solvent extraction for separating copper from the
chloride-containing leach solutions. The performance of
the pressure leach at 150ºC is enhanced by the use of fine
grinding of the concentrate ahead of the pressure leach
and the use of surfactants, such as lignosulphonates, in the
pressure leach to eliminate the potential wetting and
agglomeration of un-reacted sulphide particles by molten
sulphur.
Copper
Concentrate

Pressure Leach

Recycled Acid/Raffinate

Copper Concentrates
The dramatic effect of small additions of chloride to the
sulphate leach solution in the oxidative pressure leaching
of chalcopyrite concentrates was first observed by
Noranda in 1972 (Stanley and Subramanian, 1977). When 5
to 10 g/L chloride, as either HCl or NaCl, is added to the
solution, the wetting of un-reacted sulphides by molten
sulphur is largely eliminated and the leach products are a
low-iron copper leach liquor with a pH of about 2.5, and a
residue containing a high proportion of the copper as
crystalline basic copper sulphate, as well as most of the
iron as hematite and most of the sulphur as elemental
sulphur. The chemistry of the chloride-assisted pressure
leach of chalcopyrite may be represented by the following
simplified equations:
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2 CuFeS2 + 2.5 O2 + 2 H2SO4 → 2 CuSO4 + Fe2O3 + 4 S⁰ + 2
H2O
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Cathode

3 CuSO4 + 2 H2O → CuSO4·2Cu(OH)2 + 2H2SO4

Figure 3. Simplified Flow Diagram
of the CESL Copper Process

The basic copper sulphate is readily soluble in a dilute
sulphuric acid solution, such as spent electrolyte, thus
providing a clean separation of copper from iron and
producing a low acid (pH~1.5), high strength copper
sulphate solution, ideal as a feed for electrowinning. The
overall effect of the chloride addition to the predominantly
sulphate solution is to reduce the oxidation of sulphidesulphur in the pressure leach from well over 50%, to 20%
or less, resulting in a deficiency of the sulphuric acid
required to keep the copper in solution. The maximum
oxidation of the copper sulphides is typically achieved in 60
to 90 minutes in the presence of chloride, compared with 6
to 8 hours in the absence of chloride. The mechanism of
the effect of chloride in these reactions has not been
elucidated. Noranda successfully tested the chloride–
assisted pressure leach in a continuous pilot autoclave
circuit (Stanley et al., 1982), but did not apply the process
on a commercial scale.
In the early 1990s, the R&D arm of Cominco
Engineering Services Limited (CESL) developed a novel

The basic CESL flow sheet for the treatment of copper
concentrates is relatively simple, as shown in Figure 3. The
concentrate is leached in recycled acidic raffinate solution
at 150ºC with an oxygen overpressure in the pressure
oxidation autoclave. The chloride content of the leach
solution is typically 10-12 g/L and the acid level is adjusted
to control the re-precipitation of leached copper as basic
copper sulphate. After liquid-solid separation, the pressure
oxidation residue is re-pulped in recycled copper raffinate
at atmospheric pressure to re-dissolve the basic copper
sulphate. The copper-containing leach liquors from the
pressure oxidation and the atmospheric leach circuits are
treated separately in copper solvent extraction circuits,
which operate in tandem with a conventional copper
electrowinning circuit. The leach residue from the acid
leach, consisting mainly of finely divided elemental sulphur
and hematite, together with any un-reacted sulphides and
the gold and silver content of the original concentrate, is
either disposed to tailings storage, or, where economically
warranted, is further treated for gold recovery. Extensive
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pilot testing of the process on Western Canadian copper
concentrates in the mid-1990s demonstrated the technical
and economic viability of the process, with overall copper
recovery to cathode from concentrate of 95 to 98%, and
with sulphide sulphur oxidation to sulphate in the range 7
to 17% (Jones, 1996).
A 10,000 t/y Cu semi-industrial scale copper refinery
using the CESL copper process was commissioned by Vale
at its Sossego Mine site in the Carajas region of Brazil in
2008. The plant was scheduled to operate for at least two
years and was intended to test the treatment of
concentrates from several Vale copper mines in Brazil
(Defreyne and Cabral, 2009).
Nickel Concentrates
The effect of small chloride additions to the oxidative
pressure leaching of pentlandite and pyrrhotite in sulphate
solution above the melting point of elemental sulphur was
first reported by Norilsk researchers in the early 1970s
(Voronov et al., 1973). Inco also reported the pressure
leaching of pentlandite-containing concentrates in lowchloride sulphate solutions at 110ºC, below the melting
point of sulphur, at much the same time (Subramanian and
Ferrajuolo, 1976). Both groups found that the metal
leaching kinetics were enhanced by the presence of
catalytic amounts of chloride and that the yield of
elemental sulphur increased. In contrast to copper, nickel
does not re-precipitate as a basic sulphate.
In the mid-1990s, following the successful
development of its copper process, CESL designed and
tested a flow sheet for the treatment of nickel-cobaltcopper sulphide concentrates based on the chlorideenhanced pressure oxidation at 150ºC (Jones, 2001). The
pressure oxidation conditions are identical to those used in
the copper process, with 10 to 12 g/L chloride in the leach
solution. The solution treatment flow sheet includes
copper recovery by solvent extraction and bulk
precipitation of the nickel and cobalt as hydroxides,
followed by their re-dissolution and selective solvent
extraction for both cobalt (Cyanex 272) and nickel (LIX 84)
from an ammonium sulphate solution for subsequent
recovery by electrowinning.
Extensive integrated pilot plant testing was carried out
successfully in 1996 (Jones et al., 1998) with reported
recoveries of 94 to 97% for both nickel and cobalt and the
oxidation of about 26% of the sulphide-sulphur to
sulphate. This process has not yet been applied on a
commercial scale.
The chloride-assisted oxidative pressure leach at
150ºC was adopted by Inco (now Vale) as the basis for its
hydrometallurgical process for the direct refining of its
Voisey’s Bay Nickel (VBN) concentrate, which is to be used
in a 60,000 t/y Ni plant, currently under construction at
Long Harbour, Newfoundland, after extensive testing over
the past decade at laboratory, mini-plant and pilot plant
scale (Kerfoot et al., 2002). The temperature and pressure

conditions in the Inco pressure leach are similar to those
used in the CESL pressure oxidation, although the chloride
level in solution is typically only 4 to 6 g/L (Stevens et al.,
2009). A feature of the chloride-assisted pressure leaching
of VBN nickel concentrate, a blend of pentlandite and
pyrrhotite (~20% Ni, 35% S), is that the degree of sulphur
oxidation to sulphate can be adjusted in the range 15 to
30%, by varying the chloride concentration in the leach
solution. The preferred low chloride level was selected to
optimize the overall sulphate and water balances for the
process.
The flow sheet developed by Inco for the recovery of
the base metals from the chloride-sulphate leach liquor is
based on the direct recovery of nickel by electrowinning
from the purified chloride-containing high nickel-content
leach liquor, with the recycle of the anolyte and chlorine
gas, produced in the electrowinning circuit, as reagents to
the leach circuits. Closed loop process flow sheets of this
type are commonly used for the refining of Ni-Cu mattes
(Kerfoot et al., 2002). Lime and limestone are used for acid
neutralization and iron hydrolysis. Three conventional
solvent extraction circuits are used to remove copper (LIX
84), calcium, zinc and manganese (D2EHPA), and cobalt
(Cyanex 272) from the 90 to 100 g/L Ni leach liquor. The
nickel electrowinning step uses dimensionally stable
anodes, consisting of titanium coated with iridium oxide.
The anodes are bagged to provide separate anode and
cathode compartments and to facilitate recovery of
chlorine from the anode compartment, for recycle to the
leach circuits. The cell and circuit designs are based on
Vale’s existing nickel tank house at Thompson. Nickel can
be produced either as conventional cathode or as
proprietary S-and R-Rounds®.
The Inco CRED Process for Cu-Ni Sulphides
In 1973 Inco (now Vale) commissioned a new nickel
refinery in Copper Cliff (CCNR) based on the pressure
carbonyl refining of platinum-group metal (PGM)containing nickel-copper alloy and matte (Head et al.,
1976; Wiseman et al., 1988). The pressure carbonyl
process recovers about 97% of the nickel from a feed
containing 80% Ni, 12% Cu, 2% Co, 2% Fe and 3% S, leaving
a residue typically analyzing 55-60% Cu, 6-10% Ni, 4-8% Co,
4-9% Fe, 13-19% S and 20-30 tr oz/ton PGM+Au (O’Neill et
al., 1970). The major minerals are Cu2S, NiS, CoS and FeS.
This residue contains the major portion of the PGM values
recovered from Vale’s Sudbury and Thompson operations
and required further treatment to separate the base
metals and sulphur from the PGMs, to produce a highgrade PGM concentrate suitable for treatment in Vale’s UK
precious metals refinery.
The hydrometallurgical residue treatment process was
developed in bench-scale test work in the late 1960s at the
newly opened J. Roy Gordon Research Laboratory in
Mississauga, Ontario. As is so often the case, a tight time
line precluded extensive pilot plant testing and so
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laboratory test data largely formed the basis for process
design for a commercial scale plant to be built adjacent to
the Copper Cliff Copper Refinery (CCCR). The feed to the
new plant could therefore be conveniently transferred as
slurry by pipeline from the nearby nickel refinery (CCNR).
The design and construction of this plant, which was
designated the Copper Refinery Electrowinning
Department (CRED), proceeded in parallel with the
carbonyl refinery for start-up in 1973.

First
Stage
Leach

Residue from Pressure
Carbonylation Process

Iron Removal

Lime

O2

Filtration

Fe/As Residue
for Disposal

Se/Te
Removal

Second
Stage Leach

Spent
Electrolyte

Copper Wire
or Shot

Filtration

Na2CO3

PGM
Concentrate

O2

Ni/Co
Recovery

Copper
Electrowinning

simplified flow diagram of the CRED process is shown in
Figure 4 (Tyroler et al., 1988).
Several significant changes to the process flow sheet
were made during an extended start-up and the first few
years of operation. A major issue proved to be the
separation of the PGMs from elemental sulphur in the
concentrate recovered following leaching, which was
initially carried out by dissolving the sulphur selectively in
hot perchloroethylene, for subsequent recovery of solid
sulphur on cooling. The perchloroethylene suffered
significant decomposition during extended use, resulting in
contamination of process solutions with chloride and the
inevitable corrosion of process equipment, which had been
designed only for sulphate solutions. Although an obvious
option would be to burn off the sulphur to recover the
PGMs in a calcine, it was decided to change the mode of
operation of the second stage oxidative pressure leach to a
total oxidative leach, by operating with a deficiency of
sulphuric acid at 115ºC, to ensure quantitative oxidation of
sulphide to sulphate. Under these conditions, much of the
initially dissolved copper is re-precipitated as basic copper
sulphate (antlerite), for example:

Barren
Solution for
Disposal
Copper
Cathode

Se/Te
Residue

2 Cu2S + 5 O2 + 2 H2O → CuSO4 + CuSO4.2Cu(OH)2
Ni/Co
Carbonate

Figure 4. Vale’s CRED Plant Flowsheet
As originally designed and built, the CRED process was
based on a two-stage batch pressure leaching flow sheet,
consisting of a first stage metathesis pressure leach at 150160ºC, in which nickel, cobalt and iron are extracted by
exchange reactions with copper sulphate, e.g.:
NiS + CuSO4 → NiSO4 + CuS
followed by an oxidizing pressure leach of the first stage
residue at 110ºC, with excess sulphuric acid in the
presence of ferric sulphate (O’Neill et al., 1970), to dissolve
the copper and residual base metals, as well as selenium
and tellurium, to produce a concentrate containing
elemental sulphur and the PGMs:
Cu2S + O2 + 2 H2SO4 → 2 CuSO4 + 2 H2O + S⁰
The first stage leach liquor, containing most of the
nickel, cobalt, iron, arsenic with some residual copper, was
to be treated for copper removal using NaSH, for iron and
arsenic removal by oxidation and hydrolysis using lime and
for cobalt removal by solvent extraction with D2EHPA, with
the nickel being precipitated as basic carbonate. The
second stage leach liquor was to be purified to remove
selenium and tellurium, using sulphur dioxide, to provide a
high strength copper sulphate solution feed to copper
electrowinning, with spent electrolyte being recycled for
use as the leachant in the pressure leach circuits. A

Re-pulping of the leach residue with sulphuric acid
solution re-dissolves the basic copper sulphate to produce
a low-sulphur PGM-containing concentrate (Tyroler et al.,
1988).
CuSO4.2Cu(OH)2 + 2 H2SO4 → 3 CuSO4 + 4 H2O
The change in the chemistry of the second stage
pressure leach resulted in substantially increased oxygen
consumption and the consequent increase in heat of
reaction, necessitating the addition of cooling coils inside
the autoclaves (Tyroler et al., 1988). The autoclave
agitation also required up-grading to ensure a high rate of
oxygen transfer through the relatively viscous slurry of
basic copper sulphate.
The 1st stage metathesis pressure leach operated
satisfactorily as designed, although corrosion of the
titanium-lined autoclave by copper-depleted acid
solutions, resulting from insufficient addition of copper
sulphate to the autoclave charge, prompted a change to
brick-lining (Tyroler et al., 1988). After completion of these
modifications in the early 1980s, the CRED pressure
leaching circuits have operated for nearly thirty years
without significant changes, although control of autoclave
charges and variable leach retention times, resulting from
variations in feed composition, have continued to be
challenging (Saito et al., 1995).
Other changes to the CRED flow sheet, made after
start up, included the replacement of the injection of
sulphur dioxide by contact with copper shot or chopped
wire, in the selenium and tellurium removal circuit to
improve plant hygiene (Stewart et al., 1985), and the
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elimination of the D2EHPA cobalt solvent extraction circuit.
The solvent extraction circuit, which was based on the
process developed by CANMET (Ritcey et al., 1975), using
pulsed columns, was built, but never operated (see below).
In the absence of the cobalt-nickel separation circuit,
nickel and cobalt are precipitated as a mixed Ni-Co basic
carbonate intermediate. In 1983, a dedicated cobalt
refinery was built in Port Colborne to separate and refine
the cobalt contained in the CRED Ni-Co carbonate. The CoNi separation circuit in this plant uses the traditional
chlorine precipitation process and the cobalt is recovered
as high grade metal in the form of Rounds® (Agnew et al.,
1988).
The Falconbridge Chlorine Leach of Nickel-Copper Matte
In the 1950s Falconbridge (now Xstrata) decided that a
new process was required to replace the out-dated labourintensive Hybinette process then in use at its Kristiansand
Nikkelverk Refinery in Norway (Van Weert, 2002). This
Refinery treated the nickel-copper matte (48% Ni, 27% Cu,
22% S) produced at the Falconbridge Smelter in Canada.
The process consisted of roasting of the ground matte to
remove the sulphur, followed by selective leaching of
copper oxide, and hydrogen reduction of the nickel-copper
oxide leach residue to produce a nickel-copper alloy anode
(76% Ni 17% Cu) for electrorefining to nickel cathode in
chloride-sulphate solution (Boldt and Queneau, 1967,
p. 355-362).
After reviewing nickel refining processes then
operating or proposed, it was decided to develop a new
process based on an all-chloride leach to produce a high
strength nickel-cobalt solution from which cobalt and
other impurities could easily be removed by solvent
extraction and the nickel could potentially be recovered by
electrowinning from chloride solution (Van Weert, 2002).
Over the next 20 years, the new process technology was
developed and tested in Canada and Norway, culminating
in the closure of the Hybinette electrorefinery at
Nikkelverk in 1975 and completion of the changeover to
the new process in 1981.
Initially, material constraints (rubber-lined tanks)
limited the leach temperature in high chloride solution to
65ºC, favouring the use of concentrated hydrochloric acid
as the leachant, rather than chlorine, which is highly
exothermic. The hydrochloric acid leach of nickel-copper
matte at 65ºC is highly selective for nickel and cobalt over
copper, typically producing a solution containing 115 g/L
Ni, with less than 2 g/L each of iron and copper.
Ni3S2 + 6 HCl → 3 NiCl2 + 2H2S + H2
The residue, which typically contained 76% Cu and less
than 5% Ni as sulphides, was treated by roast-leachelectrowinning to produce copper cathode and a platinum
group metal (PGM)-containing residue.
An interesting feature of acidic nickel chloride leach

liquors is that nickel can be selectively precipitated from
the solution by increasing the acidity of the solution by
adding anhydrous hydrogen chloride gas at 25ºC, which
causes nickel chloride to crystallize out as pure NiCl2.4H2O.
The initial concept was that the solid nickel chloride would
be re-dissolved in nickel anolyte to replenish the spent
electrolyte in an electrowinning circuit. However, in a
move to diversify Falconbridge’s nickel products, the
project was redirected to produce nickel oxide by
hydrolysis of the crystalline nickel chloride. Technology
was developed for the pyro-hydrolysis of the dried nickel
chloride crystals to granular nickel oxide, which is easily
reduced to a marketable metallic nickel product
(Markussen et al., 1991). The chloride content of the nickel
chloride is thereby recovered as gaseous hydrogen
chloride, which can be used directly as reagent in the
nickel chloride precipitation step, or absorbed in weak HCl
solution to provide strong acid for the matte leach.
A 15 million lb/y Ni plant based on the HCl leaching of
nickel copper matte was built in the late 1960s to operate
in parallel with the Hybinette refinery at Nikkelverk
(Thornhill et al., 1971). Solution purification included
solvent extraction for iron (TBP) and cobalt removal (TIOA)
and the nickel was precipitated from the purified liquor by
sparging with anhydrous HCl. Rubber-lined steel was used
throughout the plant for handling the highly corrosive
chloride solutions. The high temperature hydrolysis of solid
nickel chloride was carried out in a fluid bed reactor at
650ºC, using naphtha as fuel (Markussen et al., 1991). The
granular nickel product of the process was marketed as
Ni-98, although it typically analyzed >99.7% Ni, the purest
nickel available at that time (Van Weert, 2002). This plant
operated satisfactorily for several years, but was not
expanded to replace the Hybinette plant, largely because it
was energy–intensive and was adversely affected by the
major increase in oil prices in 1973. Furthermore, the
physical form of the product did not prove popular with
customers who preferred the traditional cut cathode.
Testing of the chlorine leach for nickel–copper matte
had continued intermittently in the laboratory and pilot
plant during the 1960s and early 1970s, in parallel with the
development of nickel electrowinning technology. Initial
development of direct electrowinning had started on a
small scale at Nikkelverk in the early 1950s, using linseed
oil-impregnated graphite anodes to generate chlorine gas
for cobalt precipitation. These early electrowinning cells
produced nickel cathode of good quality and technology
was developed for the safe and efficient recovery and
handling of the chlorine gas released at the insoluble
anodes. However, it was only after dimensionally stable
anodes (DSAs) were developed commercially, for use in
the chlor-alkali industry, that large scale electrowinning of
nickel from chloride solution became technically and
economically viable. The dimensionally stable anodes used
in nickel electrowinning typically consist of titanium mesh
with proprietary ruthenium oxide coatings. Although the
chlorine recovered from the electrowinning cells can be
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converted to HCl for use in the hydrochloric acid leaching
of nickel-copper matte, it is generally preferred to utilize it
directly in a chlorine leach of the matte.
In the chlorine leach, the circuit is fed continuously
with ground nickel-copper matte and chlorine gas at a ratio
controlled on the basis of the measured redox potential of
the leach liquor. The chlorine leach operates best at low
liquid/solid ratios to produce leach liquor containing over
200 g/L Ni and about 50 g/L Cu. The presence of copper in
solution is key, with the Cu+ ion acting as the chlorine
acceptor and the Cu2+ ion as the oxidant. The reactions are
rapid and highly exothermic, so that the leach operates at
the boiling point of the chloride solution (110ºC), with
water boiling off at a rate of 1 tonne/tonne of chlorine
added. Most of the sulphide content of the concentrate is
converted to elemental sulphur with only about 1% being
oxidized to sulphate.
2 Cu+ + Cl2 → 2 Cu2+ + 2 ClNi3S2 + 2 Cu2+ → 2 NiS + Ni2+ + 2 Cu+
NiS + 2 Cu2+ → Ni2+ + 2 Cu+ + S⁰
Cu2S + S⁰ → 2 CuS
The chlorine leach is much less selective for nickel and
cobalt over copper than the hydrochloric acid leach, but
the dissolved copper can be re-precipitated by contacting
the leach liquor with a portion of the feed matte in a
second reactor, where the copper is largely precipitated as
CuS, reducing the copper content of the leach liquor to less
than 1 g/L. The nickel content of the combined leach
residue is typically about 15%, compared with 5% in an HCl
leach residue, corresponding to the diversion of some 8%
of the nickel content of the concentrate to the copper
recovery circuits, from which it is recycled as a mixed
copper-nickel solution.
By 1975, several years of pilot testing of the “Chlorine
Leach Process”, which combined chlorine leaching of the
matte with solvent extraction of cobalt and direct
electrowinning of nickel, led to the decision to shut down
the Hybinette plant at Nikkelverk and convert the refinery
to the new process (Hougen et al., 1977). In the first stage,
a commercial scale chlorine leach-copper precipitation
circuit was installed in parallel to the existing nickel anode
production circuits and a section of the tankhouse was
equipped for electrowinning with DSAs. A portion of the
regular catholyte was diverted from the Hybinette circuit
to the new electrowinning cells and the chlorine produced
was piped to the chlorine leach tank. The concentrated
nickel-copper leach solution was initially added to the
Hybinette anolyte and treated in the old purification
circuits. In this way full-scale evaluation of materials of
construction, equipment and instrumentation could be
achieved, without jeopardizing Refinery production.
Operation of the anode furnaces was terminated in 1977

and by 1981 the old purification circuits had been replaced
by new circuits, including iron-arsenic and lead removal by
hydrolysis, and cobalt removal by solvent extraction
(Stensholt et al., 1986; 1988).
The capacity of the Nikkelverk Refinery has been
increased several times over the past thirty years from
40,000 t/y Ni in 1981 to 87,000 t/y Ni by 2010 (Stensholt et
al., 2001). In addition to continuous improvement to the
process over these years, the most significant change to
the chlorine leach process has been the addition of an
autoclave step between the chlorine leach and copper
precipitation circuits. The boiling slurry from the chlorine
leach tanks at 110ºC is pumped to two autoclaves
operating in series at about 150ºC, to allow copper in
solution to react with residual nickel in the leach residue,
thus reducing the nickel content of the residue from about
15% to around 5%. After flash cooling, the slurry is fed to
the cementation circuit where matte is added to reduce
the copper content below 0.2 g/L.
The Falconbridge chlorine leach process for matte has
proved eminently successful in substantially reducing the
cost of producing high purity nickel and cobalt cathode
from nickel-copper matte, while greatly improving working
conditions in the Refinery and drastically reducing SO2 and
metal emissions to the environment.
Similar processes based on chlorine leaching of lowcopper nickel mattes, solvent extraction for cobalt removal
and electrowinning of nickel, are currently operated by SLN
in France (Lenoir et al., 1981) and by Sumitomo Metal
Mining in Japan (Ishikawa et al., 1992), both, like
Nikkelverk, in coastal locations. The Sumitomo MCLE
Process Refinery in Niihama treats PT Inco matte from
Indonesia and was adopted in 1992 as a replacement for
the Inco Matte Anode Electrorefining Process which had
been used since 1969. This refining process was favoured
by Inco for the treatment of nickel matte in the initial
prefeasibility study of the smelting–refining route for the
Voisey’s Bay Nickel project. However, this route was
eventually dropped in favour of the direct
hydrometallurgical treatment of nickel concentrate, based
on the chloride-assisted sulphate pressure leach.
Zinc Pressure Leach
The Sherritt Zinc Pressure Leach Process entails the direct
leaching of zinc sulphide or bulk zinc-lead sulphide
concentrates, typically with spent electrolyte, under
oxygen pressure, in an autoclave.
ZnS + H2SO4 + ½ O2 → ZnSO4 + S⁰ + H2O
The resulting zinc sulphate solution is similar in
composition to that produced by the more conventional
roast-leach-electrowin process. However, unlike roasting
of zinc sulphide concentrates, which generates sulphur
dioxide that may be recovered as sulphuric acid, direct
leaching results in the production of elemental sulphur.
302

The Canadian Metallurgical & Materials Landscape 1960 to 2011

This allows zinc production to be decoupled from sulphuric
acid production at the zinc refinery. The single stage zinc
pressure leach process is especially suitable for expansion
of existing roast-leach plants. The two-stage zinc pressure
leach process, which produces a solution lower in residual
acid, iron and impurity elements than the single stage
process, is designed for grassroots applications or for
existing plants where the roasters are to be replaced.
A key advantage of the pressure leach process
compared with roast-leach or atmospheric processes for
the treatment of zinc sulphide or bulk sulphide
concentrates is the beneficial behaviour of iron, which
commonly is the major impurity found in these feeds. Iron
forms zinc ferrite in roasting, which is difficult to leach in
the following steps, limiting overall zinc recovery. Zinc
ferrite is not formed in direct leaching processes. Secondly,
iron may be readily hydrolyzed and precipitated from
solution at the relatively high temperatures selected for
pressure leaching, eliminating the need for a separate
step, such as jarosite precipitation, to remove the bulk of
the iron from the process solution.
Pressure leaching of zinc concentrate was under active
laboratory investigation by Sherritt, in collaboration with
Professor Frank Forward, as early as 1957 (Forward and
Veltman, 1959). The initial Sherritt studies considered
operation below the melting point of sulphur, as molten
sulphur tends to coat unleached zinc sulphide, preventing
further extraction. Low temperature pressure leaching was
also piloted separately by Cominco and Dowa Mining Co. in
the 1960s (Veltman and Bolton, 1980). The discovery of
effective sulphur dispersion agents by Sherritt in the 1970s
(Kawulka et al., 1975) led to further intensive development
work above the melting point of sulphur, optimally at
about 150ºC, where the viscosity of molten sulphur is
lowest. Another key development in the 1970s was the
joint piloting of the zinc leaching and sulphur recovery
steps by Sherritt and Cominco, in Fort Saskatchewan, and
the world’s first commercial zinc pressure leach facility
commenced operations in 1981, at the Cominco (now Teck
Resources Limited) zinc refinery in Trail, B.C., Canada
(Parker and Romanchuk, 1980). This was followed in 1983
by a pressure leach plant at the Kidd Creek (Xstrata
Copper, Kidd Metallurgical site) zinc refinery in Timmins,
Ontario, Canada (Boissoneault et al., 1995). A third plant
was installed at the Ruhr-Zink operations in Datteln,
Germany and commenced production in 1991 (Collins et
al., 1994a). A fourth pressure leach plant, which is
operated by Hudson Bay Mining and Smelting Company,
Ltd. (HudBay Minerals Inc.), was commissioned in Flin Flon,
Manitoba, Canada in 1993 (Collins et al., 1994b; Shairp et
al., 2006; Collins et al., 2010), a fifth plant (Kazakhmys) was
commissioned in Kazakhstan in 2003 (Kalanchey et al.,
2007), a sixth plant (Nonfemet) commenced operation at
Shaoguan in Guangdong Province, China in September
2009, and a seventh plant is currently in the detailed
design stage (Collins et al., 2008). The first three
commercial applications described involve integration of

pressure leaching with roast-leach-electrowinning, while in
the fourth and fifth operations two-stage countercurrent
pressure leaching obviates the need for roasters. In the
sixth and seventh applications, two-stage leaching
additionally allows for improved recovery of values such as
gallium, germanium and indium from the feed materials.
Key Lake Uranium Process
Pressure leaching was also applied to the leaching of
uranium ores from the Key Lake deposit in northern
Saskatchewan. Uranium in these high grade ores was
associated with nickel sulphides and arsenides (e.g., NiS,
NiAs, NiAsS), which made treatment of the ore by
conventional means uneconomic (Clarke et al., 1980;
Collins et al., 1988). This necessitated the development of
a novel leaching process to achieve high uranium
recoveries in an economically viable and environmentally
acceptable manner.
The Key Lake process includes a two stage
countercurrent leaching flow sheet (Figure 5), using fresh
ore to consume ferric iron and sulphuric acid in the
solution from pressure leaching, and more aggressive
conditions in the pressure leach to achieve high uranium
extractions from the ore (Clarke et al., 1980).
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Figure 5. Simplified Key Lake Uranium Process Flowsheet
Relatively mild conditions (i.e., 30ºC with air in the
atmospheric leach and 65ºC with 500 kPa oxygen pressure
in the pressure leach) were selected to minimize the attack
on gangue minerals in the ore. Uranium is recovered from
the atmospheric leach solution using solvent extraction
(see below), followed by precipitation of yellow cake
(U3O8) with the addition of ammonia (NH3). Lime
neutralization is used to precipitate arsenic and other
heavy metals from the waste streams of the process.
Radium precipitation using BaCl2 and lime is used after
lime neutralization to control radium concentrations in the
liquid effluent from the process.
The process was developed and successfully piloted at
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Sherritt’s pilot plant facilities in Fort Saskatchewan. The
commercial plant at Key Lake was commissioned in 1983
and has produced over 95,000,000 kg of U3O8 over the life
of the mine (Cameco, 2010). The leaching plant was
modified when the Key Lake mine closed in 2002 to
process new feedstocks from Cameco’s operations in
northern Saskatchewan and continues to produce about
8,500,000 kg of U3O8 annually (Cameco, 2010).
Pressure Oxidation of Refractory Gold
Gold that cannot be recovered by conventional cyanide
leaching is classified as refractory. Commonly, fine grained
gold particles may be occluded within sulphide minerals
such as pyrite or arsenopyrite, and an oxidizing pretreatment is required to decompose the sulphides, as in
the following equation, releasing the gold for subsequent
leaching with cyanide.
2 FeS2 + 7.5 O2 + H2O → Fe2(SO4)3 + H2SO4
Pressure oxidation of refractory gold feeds is
conducted in an autoclave using oxygen gas as the reactant
at the following typical conditions: 180 to 230ºC; 1,100 to
3,500 kPa pressure; and 1 to 3 hours retention time. The

Mine
McLaughlin
Sao Bento
Mercur
Getchell
Goldstrike

Porgera
Campbell
Con
Lihir
Lone Tree
Twin Creeks
Macraes
Kittila
Albazino
Pueblo Viejo

leaching medium is typically sulphuric acid, generated in
the autoclave by oxidation of the sulphide minerals.
Liberation of the refractory gold, as indicated by the extent
of extraction in the subsequent cyanide leach step, is
typically in excess of 95%.
The concept of pressure oxidation for treatment of
refractory gold ore was tested by the Chemical
Construction Company and Sherritt Gordon Mines Ltd. in
the 1950s and then developed further by Sherritt in the
1980s, initially in collaboration with Homestake Mining Co.
(now Barrick Gold Corp.) for application at the McLaughlin
project in California (Berezowsky et al., 1991). This was
followed by a flurry of pilot plant studies in Fort
Saskatchewan (Berezowsky and Weir, 1989) leading to
commercialization of the treatment of both ores and
flotation concentrates in Canada, Brazil and Papua New
Guinea (Collins et al., 1993). As outlined in Table 1, more
than a dozen applications of the process have been
commercialized in the past twenty-five years. Of these, the
vast majority have a strong Canadian connection, either
through ownership (Barrick, Goldcorp Inc., Agnico-Eagle
Mines Ltd.) or contributions to the process development
and commercial design (Sherritt, SNC-Lavalin, Hatch, SGS
Lakefield).

Table 1. Summary of Commercial Refractory Gold Pressure Oxidation Plants
Plant Owner
Feed
Design
Original
Current
Location
Type
Feed, t/d
Homestake
Barrick
USA
Ore
2,700
General Mining
AngloGold Ashanti Brazil
Con
240
Barrick
Barrick
USA
Ore
680
FMG
Barrick
USA
Ore
2,730
Barrick
Barrick
USA
Ore
1,360
5,450
11,580
Porgera JV
75% Barrick
PNG
Con
1,350
2,700
Placer Dome
Goldcorp
Canada
Con
70
Nerco
Newmont
Canada
Con
90
Rio Tinto
Newcrest
PNG
Ore
9,500
Santa Fe
Newmont
USA
Ore
2,270
Santa Fe
Newmont
USA
Ore
3,630
Oceana Gold
Oceana Gold
NZ
Con
528
Agnico-Eagle
Agnico-Eagle
Finland
Con
300
Polymetal
Polymetal
Russia
Con
**
Barrick/Goldcorp
Barrick/Goldcorp
DO
Ore
**

Plant Operation
Start
End
1985
2002
1986
2007*
1988
1997
1989
2004
1990
1991
1993
1991
1994
1991
1992
2003
1997
1997
2006
1997
1999
2008
**
**

* AngloGold Ashanti is currently working with Sherritt to design a new pressure oxidation plant for the Sao Bento site
** In design or construction phase

Pressure Acid Leach of Laterite
Lateritic nickel deposits are low in grade, typically
containing 1 to 3% Ni. Nonetheless, these deposits
constitute the largest known terrestrial reserves of nickel
and cobalt and have therefore garnered considerable
attention from nickel producers and metallurgical

technology firms in the past 50 years. Although laterites
are found primarily in tropical or subtropical regions, the
contribution of Canadian companies to the development of
these resources has been significant, especially with
respect to the implementation of the pressure acid leach
process (also referred to as the high pressure acid leach,
HPAL). Key advantages of HPAL are increased cobalt
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recovery and lower energy requirements as compared to
alternatives such as the Caron reduction roast/ammonia
leach process (Berezowsky, 1997).
The Pedro Sotto Alba laterite processing plant at Moa,
Holguin, Cuba was constructed by Moa Bay Mining
Company, a subsidiary of Freeport Sulphur (Chalkley and
Toirac, 1997; Kofluk and Freeman, 2006; Chalkley et al.,
2010). The development and commercialization of the
overall process for the recovery of nickel and cobalt as
metals from laterite ore involved the collaborative efforts
of Freeport, the Chemical Construction Company and
Sherritt Gordon Mines Limited. The laterite processing
plant was commissioned and operated briefly by Freeport
in 1959 and restarted by Cuban engineers in 1961. The
process in operation since this time (Figure 6) includes a
high temperature and pressure leach of the ore with
sulphuric acid, at about 245ºC, followed by separation of
the dilute metals-bearing solution from the leach residue
in a counter-current decantation wash circuit,
neutralization of the excess acid, and precipitation, with
hydrogen sulphide, of a mixed nickel-cobalt sulphide
intermediate containing about 55% Ni and 5 to 6% Co.
Since 1994, the entire production of mixed sulphide from
Moa has been processed in Fort Saskatchewan by the
Cobalt Refinery Company Inc. (Corefco), a joint venture of
Sherritt International Corporation and the Cuban
government (Chalkley and Toirac, 1997).
CCD Wash
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Limestone
Mud

the acid consumption by other components in the ore,
e.g., magnesium and aluminum. Laterite of suitably low
magnesium content is typically limonitic in nature, and
contains about 1 to 1.5% Ni.
Neutralization

CCD Wash

Laterite Ore
Slurry

Wash Water

Calcrete

H2SO4

H2S

HPAL

Sulphide
Precipitation

Calcrete

Mixed Ni-Co
Sulphides

Tailings
Neutralization

Impoundment

Sulphide
Grinding

Sulphide Leach

Mixed Ni-Co
Sulphides

(NH4)2SO4

Nickel Reduction

NH3

Ammonium
Sulphate
Crystallization

O2

H2
Ni Powder to
Briquetting
Organic

NH3

Solvent Extraction

Cobalt Reduction
(NH4)2SO4
Product

H2

Co Powder to
Briquetting

Figure 7. Simplified flow diagram for the Murrin Murrin
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Figure 8. Aerial view of the Murrin Murrin refinery

Figure 6. Simplified flow diagram for the pressure acid
leach of laterite ore at Moa
The HPAL process chemistry is complex, owing largely
to the complex mineralogy of the feeds (Berezowsky,
1997), but the process is dominated by the sulphuric acid
leaching of nickel- and cobalt-bearing iron oxide minerals,
e.g., goethite, followed by hydrolysis and precipitation of
iron as hematite, leaving nickel and cobalt in the leach
liquor.
2 FeO(OH) + 3 H2SO4 → Fe2(SO4)3 + 4 H2O →
Fe2O3 + 3 H2SO4 + H2O
The economics of the process depends very much on

Several process routes have been applied to
concentrate the nickel and cobalt values following HPAL,
and these have been described in numerous review
articles. The process applied at Murrin Murrin in Australia
(Minara Resources Ltd.) includes the use of hydrogen
sulphide to separate a nickel-cobalt mixed sulphide
intermediate, as described above for Moa. Recovery of
nickel and cobalt metals from the mixed sulphide at Murrin
Murrin involves an oxidizing pressure leach, separation of
cobalt and nickel by solvent extraction, and recovery of
metal powders by hydrogen reduction (Figure 7). The
design and construction of the Murrin Murrin plant
(Figure 8) was accomplished with significant contributions
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from Sherritt and Fluor Corporation. A process route very
similar to that at Murrin Murrin has been selected for the
Ambatovy laterite refinery in Madagascar (Figure 9),
scheduled for commissioning in 2011 (Collins et al., 2004;
2009). The Ambatovy project is a joint-venture partnership
between Sherritt, Sumitomo Corporation, Korea Resources
Corporation and SNC-Lavalin, the project’s engineering and
construction contractor. The process metallurgy for
Ambatovy was developed by Sherritt, who also act as
project operator.

Colborne Refinery in 1997 and 1998; a larger scale pilot
plant for the whole process was also operated at site in
New Caledonia in the early 2000s and the commercial
plant is currently being commissioned. Important partners
for Vale/Inco during the design and construction phases
have included Bateman Engineering Ltd., Hatch and SNCLavalin.
Alkaline Sulphide Leaching of Equity Copper-Silver
Concentrates
An alkaline sodium sulphide leaching process was used
commercially at Equity Silver Mines in British Columbia
between 1981 and 1984 (Edwards, 1985). The leaching
process was designed to reduce the arsenic and antimony
content of the Equity copper-silver concentrate (17% Cu,
7% Sb, 4% As, 7000 g/t Ag, 20 g/t Au) with alkaline sulphide
to acceptable levels of 0.3% and 1.5%, respectively, by the
following reactions:
2 Cu3AsS4(s) + 3 Na2S(aq) → 3 Cu2S(s) + 2 Na3AsS4(aq)
Cu12Sb4S13(s) + 2Na2S(aq) → 5 Cu2S(s) + 2 CuS(s) + 4 NaSbS2(aq)

Figure 9. An HPAL autoclave during construction of the
Ambatovy refinery in 2010
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A two stage batch leach process was initially proposed
to treat Equity’s copper–silver concentrate, but was
converted to a single stage of leaching in late 1981. After
leaching, the solution was treated by neutralization with
sulphuric acid, followed by precipitation of antimony as
sodium hydroxy antimonate (NaSb(OH)6) and arsenic as
calcium arsenate using pressure oxidation and
crystallization to produce sodium sulphate salt. The
antimony precipitate and sodium sulphate were sold as
byproducts while the arsenic precipitate was impounded
offsite.
Process and feed mineralogy issues were encountered
on startup, but design levels of throughput and operating
costs were achieved by late 1983. The leach plant was shut
down almost one year later in 1984, due to changes in
mine planning and economic limitations.

ZnCl2
Solution

Figure 10. Simplified flow diagram for the Goro refinery
The process selected for Vale’s Goro refinery in New
Caledonia (Mihaylov et al., 2000) includes direct solvent
extraction of nickel and cobalt from the partially
neutralized HPAL liquor with Cyanex® 301, followed by
stripping of the loaded organic with hydrochloric acid,
separation of zinc and cobalt from the strip liquor by ion
exchange and secondary solvent extraction, and recovery
of nickel oxide by pyro-hydrolysis (Figure 10). The overall
process was developed by Inco Technical Services Ltd., in
the 1990s, at their laboratory and pilot plant facilities in
Mississauga, Ontario. Additional piloting of the direct
solvent extraction step was conducted at the Port

UGS™ Process (QIT-Fer et Titane, Inc.)
The UGS™ Process for upgrading titanium slag to produce
synthetic rutile, developed by QIT-Fer & Titane, Inc.,
combines both roasting and pressure leaching unit
operations (Gueguin and Cardarelli, 2007; Cook, 2007;
Borowiec et al., 2003). In this process, TiO2-rich slag from
EAF smelting of titanium ores is pre-treated with both
oxidative and reductive roasting steps, which together
convert pseudobrookite (FeTi2O5) in the slag feed to a
mixture of rutile (TiO2) and secondary ilmenite (FeTiO3),
which are largely insoluble in leaching. Roasting also
liberates most of the impurity elements from the structure
of the titanium or gangue minerals and improves the
porosity of the slag particles and amenability of the slag to
leaching. Oxidation is conducted at 1000ºC in air while the
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reduction step is performed at 800ºC using smelter gas,
85% CO and 15% H2 by volume, as the reductant. This
roasting process does not degrade the original particle size
of the slag, which is an important factor in the subsequent
production of pigment from these materials using the
chloride process.
After the high temperature pre-treatment, the
resulting material is leached in an autoclave, operating
between 145 and 155ºC and 350 to 550 kPa(g), with 15 to
20% HCl added as the leaching agent. Impurities, such as
Al, Ca, Cr, Fe, Mg, Mn, and V, are leached from the ore in
two leaching stages, which are operated in a semi-batch
configuration, with the solution drained from the
autoclave between stages and fresh acid added. The waste
liquor is treated by pyrohydrolysis to remove impurities
and regenerate HCl for use in leaching while the solids are
washed and calcined to produce the final UGS™ product
(≥94.5% TiO2 and less than 1.0% Al2O3, 0.1% CaO, 1.5%
Fe2O3 and 1% MgO), which is the most pure synthetic rutile
product currently available commercially.
Initial production of UGS™ slag by QIT-Fer & Titane at
their Sorel-Tracy complex was 165,000 t/y in 1997 and, as
of 2010 the annual production has expanded to over
375,000 tonnes of UGS™ slag (Cook, 2007).

Solvent Extraction
This unit operation is considered by many to be one of the
“newer” techniques in the upgrading and purification and
recovery of high purity metals in solution. By others, the
process is considered to be “mature” since it has been
used industrially since the mid-1950s, and has been in
commercial use in Canada since the mid-1940s in the
production of uranium dioxide.
Solvent extraction is the process of separation,
upgrading and purification of metals through the use of an
organic chemical usually dissolved in a “carrier” diluent
such as a high flash-point kerosene. In general, the process
is run counter-currently, in which the aqueous solution is
passing in counter-current stages to the organic stream in
a contacting device. Various contactors can be considered,
including columns, mixer-settlers, in-line mixers and
centrifuges. There are four general classes of chemical
reagents that can be considered for application to the
separation process: anionic, cationic, chelating and
solvating. Class selection is dependent on factors such as
metal species to be recovered, impurities present, major
anion and concentration present, free acid or salt
concentration/alkalinity, specificity, solubility, ease of
scrubbing and stripping, and of course price of the reagent.
This section on solvent extraction in Canada deals
initially and mainly with the nuclear industry, for Canada
was at the forefront of the developments in this area. This
includes, in addition to uranium, by-products of thorium
and rare earths, and the extraction and separation of
zirconium from hafnium, and the subsequent production
of zirconium metal for metal cladding of UO2 fuel produced

at the Eldorado refinery at Port Hope, Ontario. Canadian
applications in the base metals sector are also described.
Notable research in the field has been conducted at
numerous Canadian universities, e.g., McGill, University of
Toronto, Queens, University of British Columbia, University
of Ottawa and University of New Brunswick, and at
metallurgical laboratories operated by CANMET, Noranda,
Inco, Cominco, Falconbridge, Sherritt, Lakefield, Ortech,
Thibault & Associates, Rio Algom and Denison Mines.
Other notable Canadian contributions include the book,
“Solvent Extraction – Principles and Applications to Process
Metallurgy” (Ritcey and Ashbrook, 1979; Ritcey, 2006), and
Canadian metallurgists have made significant contributions
to the implementation of solvent extraction processes
overseas, e.g., Chile (copper); Australia and Brazil (copper,
cobalt-nickel and rare earths); China, Egypt and Australia
(uranium); and Cuba, Finland, Norway and Burundi (cobaltnickel).
Uranium
Uranium Refining at Port Hope, Ontario
The Cameco (formerly Eldorado Mining & Refining, then
Eldorado Nuclear Limited) Refinery at Port Hope, Ontario
commenced operations in 1933. The refining process
operated at Port Hope consisted of the leaching of impure
chemical precipitates of uranium (yellow cake) in nitric
acid, followed by uranium separation and purification by
solvent extraction using tri-butyl phosphate (TBP) as the
extractant. Initially the solvent system was diethyl ether,
but was changed to the less flammable TBP in the mid1950s. The extraction, scrub and stripping operations were
in sieve-plate pulse columns. Precipitate feed to the
Eldorado Refinery was originally concentrate received from
the company’s mine at Port Radium, N.W.T. The process
flowsheet is shown in Figure 11 (Burger and Jardine, 1958).
The uranyl nitrate, at 300 g/L U and 5.5 gallons per
minute, was selectively extracted from the nitric acid
solution, which also contained other metal nitrates, such
as thorium, molybdenum, vanadium, sulphate, phosphate
and arsenates. The solvent consisted of a solution of 25%
TBP in kerosene diluent. Extraction took place in a 37.5foot pulse column, containing the equivalent of 6 stages,
using an O/A ratio of 4/1. The flow ratios were controlled
to maintain saturation of the solvent with respect to
uranium, which helps to minimize the extraction of
thorium and other impurities. Any impurities that were
extracted were removed by a scrubbing step in a second
37.5 foot pulse column, using deionized water at a phase
ratio of 17/1 O/A. This scrub raffinate was recycled to the
leaching circuit.
The scrubbed solvent was next fed to the 25-foot high
strip column where it was contacted with deionized water
at an O/A ratio of 25/1. This operation transferred the
uranium to the aqueous phase as uranyl nitrate. This
uranyl nitrate, after skimming off any entrained TBP, was
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concentrated by boiling, and denitrated to produce UO3.
The stripped solvent flowed to a tank where it was mixed
with a 7 wt% sodium carbonate solution, which removed
hydrolysis products formed from TBP, such as soluble
dibutyl and mono-butyl phosphates.
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(subsequently Mines Branch and now CANMET). In
addition to ore concentrates being produced in the gravity
mill for shipment to the Eldorado Port Hope Refinery, a
low grade uranium phosphate precipitate grading about
28% U was produced in the leach plant.
By 1954 the possibility of an improved grade of
precipitate was discussed. Meetings between Oak Ridge
National Lab (ORNL), Tennessee (Keith Brown), General
Mills (Joe House) and Eldorado resulted in a decision to
employ solvent extraction at the mill site. The reagents
produced at General Mills were evaluated at ORNL and
Eldorado. These were long chain amines, initially tricaprylyl amine, and subsequently tri-fatty amine, and
eventually commercialized as Alamine 336. Two plants
came on stream during the same month in 1958, Mexican
Hat in USA and Port Radium in Canada, both using solvent
extraction with the extractant being Alamine 336. The
amine extraction process for uranium was referred to as
the AMEX process.

Figure 11. Original Uranium Refinery Flowsheet of
Eldorado Port Hope Operation
The raffinate resulting from the uranium extraction
was processed (1) to recover the nitric acid, and (2) to
discard the raffinate after chemical treatment. About 75%
of the nitric acid was removed by the addition of sulphuric
acid to the extraction raffinate, which released the
combined nitrates, followed by evaporation. Finally the
raffinate was neutralized with lime before disposal.
Thermal decomposition of the uranyl nitrate strip
solution took place above 1,840ºC, and the product of
decomposition was UO3. Batch denitration was usually a 5
to 8 hour cycle, in a temperature range of 500 to 600ºC.
Continuous stirred bed reactors, as well as fluidized bed
reactors have also been used in the U.S.A. and U.K.,
respectively.
Subsequently, about 1984, Eldorado started a new
refinery, located west of Sault Saint Marie at Blind River,
Ontario. Much of the process operated at Blind River is
similar to that of the Port Hope Refinery except for the use
of centrally-agitated columns, the Mixco, manufactured by
Lightnin. This refinery is still in operation, while solvent
extraction has been discontinued at the original Port Hope
Refinery.
Eldorado Port Radium Mine Site
Canada’s first uranium mining operation, and one of the
first in the world, was located at Port Radium, North West
Territories, on the shores of Great Bear Lake, about 26
miles south of the Arctic Circle, and 1000 air miles north of
Edmonton, Alberta. Eldorado Mining & Refining Ltd.
commenced operation in the 1940s, following geological
work by the Geological Survey of Mines & Technical
Surveys of the Canadian Government, and was supported
in its development by the research and technical assistance
of the Radioactivity Division of Mines & Technical Surveys

Scrub
Solution
Clarified Leach
Solution

A - Extraction
B - Scrubbing
C - Carbonate Stripping
D - Acidification
Solvent to
Solvent
Makeup

D

H2SO4

A

A

A

B

C
A

C
Flue Gas

Solvent
Feed
H2O

Carbonation

Raffinate

NaOH

Filtration

Na2U2O7
Precipitation

Impoundment

Crystallization

Na2U2O7
Product

Na2SO4

Filtration

Figure 12. Port Radium Uranium Circuit
Mixer-settlers were used for the contact of the leach
liquor with the extractant in a kerosene diluent. In Canada,
at Port Radium, a local diluent was used, known as Arctic
Low Pour Kerosene, produced at Norman Wells across
Great Bear Lake from Port Radium. This was a highly
viscous material, but was usable as long as the mixing was
not severe enough to cause permanent emulsions and
crud, and providing that the settlers were baffled. The feed
aqueous pregnant leach solution (PLS) contained about
1.8 g/L U3O8. Following extraction, the loaded solvent was
scrubbed with water to remove entrained aqueous
containing impurities such as iron, silica and others. The
scrubbed solvent was stripped with a sodium carbonate
solution followed by recovery of the uranium by addition
of sodium hydroxide to produce a sodium diuranate
(Na2U2O7) grading in the order of 75% U3O8. The plant
flowsheet is shown in Figure 12 (Tremblay and Bramwell,
1959). This first solvent extraction plant in Canada ran well
308

The Canadian Metallurgical & Materials Landscape 1960 to 2011

until mine closure in 1960 when the ore grade decreased
below economical recovery.
In Figure 13 is shown the pilot plant that was run in
1956, in which 200-L oil drums were used to construct
both the mixer boxes and the settler boxes. Figure 14
shows the solvent extraction plant a few days after startup in 1958.

The acidity of the PLS is 15-20 g/L H2SO4. The raffinate
contains less than 0.001 g/L U3O8. The loaded solvent
(approx. 6.5 g/L U3O8) is scrubbed in three stages using 30
g/L H2SO4 for the removal of As. The resulting scrub
aqueous is recycled to extraction. Stripping is in four stages
using (NH4)2SO4 at a controlled pH between 3.5 and 4.5 by
the addition of gaseous ammonia. The stripped organic
phase is water-washed in a single stage for the removal of
entrained ammonium sulphate. A bleed of the stripped
solvent is contacted with an alkaline solution (e.g., 5%
Na2CO3) to remove accumulated humic acids and
zirconium. As described above, the final product results
from addition of gaseous ammonia to the strip liquor to
precipitate the yellow cake which is filtered through precoat filters and calcined to 750ºC in a 6-hearth roaster. The
product contains only traces of impurities (0.05% As, 0.1%
Mo, and 0.15% S).
Uranium
Precipitation

Filtration

NH3

Figure 13. Port Radium Pilot Plant for Uranium Using 200-L
Drums for Mixers and Settlers in 1956
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Figure 14. Port Radium Uranium Solvent Extraction Plant
on Start-Up Showing Covered Mixers and Settlers, Cascade
Design, in 1958
Key Lake
The Key Lake plant commenced operation in 1983 (see
above). Following the comminution steps, the ore is
leached in two stages, first at atmospheric pressure, which
results in the dissolution of 35% of the U, followed by a
second stage leach in vertical autoclaves. The resulting PLS
contains about 5 g/L U. The solvent extraction portion of
the flowsheet is shown in Figure 15 (IAEA, 1993), and
Figure 16 shows a photograph of the mixer settlers.
The Key Lake solvent extraction circuit consists of
thirteen mixer settler units of the Krebs design,
constructed of FRP (IAEA, 1993; Floter, 1988). Extraction is
in four stages using 6% Alamine 336 + 3% isodecanol in
kerosene diluent. The flows to extraction are O/A 1.5/1.

Figure 16. Key Lake Extraction Mixer Settlers
Rabbit Lake
This mine is also located in northern Saskatchewan and
production commenced in 1975 (IAEA, 1993). Leaching
with sulphuric acid plus sodium chlorate oxidant produces
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solution containing 15 g/L H2SO4. Following CCD washing,
flocculant addition, clarification and sand filtration, the
solution is sent to solvent extraction, where it is contacted
with 3.5% Alamine 336 + 3.5% isodecanol in a kerosene
diluent at a temperature of 27ºC in four stages of Lightnin
pump mixer settlers with internal organic recycle. The
original construction of the mixer settlers consisted of
polyurethane lined concrete, but these failed and were
replaced with FRP. No scrub stage was included in the
design. Stripping was originally with ammonia-ammonium
sulphate controlled at pH 4.0 to 4.3, but was subsequently
changed to a strong acid strip using 425 g/L H2SO4 in five
stages. The stripped solvent is regenerated with a single
stage 5% sodium carbonate solution. The acidic strip
solution is adjusted to pH 3.5 with lime to initially
precipitate gypsum. Following filtration, the precipitate is
returned to the CCD for uranium recovery. The filtrate,
containing the major uranium, is adjusted to pH 3.5 with
magnesia in four agitated fibreglass tanks in series.
Hydrogen peroxide is added to precipitate uranium
peroxide. The product is passed through a Bird centrifuge
and dried in a Bethlehem rotary screw dryer. The discharge
temperature is 110ºC.

1976). The plant had a capacity of 1 million t/y of U3O8 at a
cost of about $37 million. The operation made use of insitu underground leaching and surface leaching of blasted
ore, using a bacterially assisted (thiobacillus ferrooxidans)
ferric sulphate leach (IAEA, 1975). Because of the adverse
effects of the amine and alcohol modifier on the bacteria,
causing crud formation, the clarified leach solution was
processed first by continuous ion exchange, using a
Himsley ion exchange column. The resin was eluted with
sulphuric acid and the eluate was treated in this eluex
circuit using a tertiary amine for the solvent extraction
recovery and purification of the uranium. Following
stripping, the uranium was recovered by precipitation with
ammonia. The combined IX + SX (Eluex) process was very
successful. However, the operation was terminated after
only a few years of production due to the overall poor
recovery because of the inability of the mining method to
consistently produce rock size amenable to the bacteriaassisted leaching. Instead of 25-cm diameter rock, often
the pieces would be several meters in diameter.
Consequently the leaching efficiency was as low as 27%.
Figure 17 shows a photograph of an Agnew Lake mixer
settler.

Cluff Lake
The Cluff Lake uranium operation, located about 700 km
north of Saskatoon, was owned and operated by Areva
Resources Canada, formerly COGEMA Resources. The mine
ceased uranium production at the end of 2002 when the
ore reserves were depleted. Total production during the
mine’s 22-year operating life was over 62 million pounds of
yellowcake.
In the early operations at Cluff, because of the
particular mineralogy and high content of uranium
(Fournier, 1983), a concentrate was produced followed by
leaching in sulphuric acid, liquid-solids separation, iron
removal by lime and uranium recovery by precipitation
with magnesia. In the Phase 2 expansion (Schnell and
Fournier, 1984), processing of the ore feed to the mill
involved leaching in sulphuric acid together with the
addition of sodium chlorate as an oxidant, followed by CCD
separation and sand-filter-clarification. Purification of the
leach liquor was by solvent extraction. The solvent
consisted of a 5% tertiary amine in a kerosene diluent also
containing 4% isodecanol as a phase separation modifier.
Following contact of the solvent with the aqueous feed
solution, and stripping, the uranium was recovered by the
addition of magnesia and the precipitate product dried.
Agnew Lake
The Agnew Lake Mine in northern Ontario commenced
operation in 1976 following successful bench and pilot
work by the laboratories of CANMET, Ottawa (McCreedy,
1976), and the subsequent testing of solution mining on a
surface stockpile and in an underground stope (McCreedy,

Figure 17. Agnew Lake Extraction Mixer Settler in 1976
McClean Lake
Areva owns a 70% interest in the McClean Lake operation,
together with Denison (22.5%) and OURD (7.5%) (Ednie,
2002). The mine and mill are located in northern
Saskatchewan in the same area as the other Canadian
uranium plants still operating. Mining began in 1995. By
the end of 1999, the McClean Lake mill was operating at
design capacity and had produced 1.5 million pounds of
yellowcake. Typical recovery at the mill is about 97%. By
the time the McLean Lake Sue orebodies were depleted in
2009, over 50 million pounds of yellowcake had been
produced. The mill can handle a range of ore grading 2 to
30% U3O8. Because of the very high grade and therefore
the high gamma radiation, extreme shielding and
numerous radiation protection measures are taken to
ensure worker protection.
Following comminution, the slurry is sent to a primary
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leach circuit, consisting of three tanks where the PLS from
the CCD thickeners is mixed with the incoming ore. The
underflow goes to a secondary leach circuit, where seven
cylindrical pressure vessels are used. The leach solution is a
mixture of H2SO4 + H2O2 (Caro’s Acid, H2SO5). The
solids/liquid separation is made possible by a CCD circuit,
followed by clarification and finally the solution is passed
through sand filters.
The PLS contains 6 to 7 g/L U as uranyl sulphate and is
contacted with a tertiary amine plus isodecanol in a
kerosene diluent in four stages of mixer settlers. A single
stage of water washing removes any arsenic present,
followed by stripping with ammonium sulphate in five
stages of mixer settlers. The strip product contains
70 g/L U. The uranium is recovered by precipitation with
gaseous ammonia to precipitate ammonium diuranate
(ADU), (NH4)2U2O7. The separation of the precipitate from
the precipitation barren is by a thickener. The underflow
ADU wet cake is passed through a multi-hearth calciner to
convert the ADU to black uranium oxide. The thickener
overflow solution is fed to a crystallizer to recover
ammonium sulphate crystals for a fertilizer product.

200 mesh ore solids with a specific gravity of 2.85, and
which contained pyrite and graphite. The sulphur content
was 11.5%. The solution, at pH 1.5 to 2.0, contained about
2 g/L U and 6 g/L Fe. Following extraction in a pulse
column, the loaded solvent was water-scrubbed and the
uranium recovered by stripping in mixer-settlers with a
sodium carbonate solution (Figure 18).
Ore
Grinding

Leach

Dilution

Extraction

Loaded
Solvent

Clarified
Solvent

Filtration

Product
Liquor to
Uranium
Precipitation

H2O

H2SO4
Neutralization

Thickening

Solvent
Storage

Impoundment
A - Scrubbing

A

Waste
B - Stripping

A
B

C

Na2CO3
Strip

C - Solvent Regeneration

Figure 18. Solvent-in-Pulp Process for the Separation of
Uranium (Ritcey et al., 1967)

Cigar Lake
Another northern Saskatchewan deposit is Cigar Lake, of
which Cameco holds 50% and Areva owns 37.1%. This high
grade ore, with proven and probable reserves of over 200
million pounds U3O8 at an average grade of about 20%,
makes it the second richest uranium deposit in the world
(Ednie, 2002). The plan is to transport the ore to the
McClean Lake site for processing, and about half of the
uranium will be shipped to Rabbit Lake as a uranium-rich
solution. The annual production is expected to be 18
million pounds of uranium. Production is expected to
commence in 2013.
Solvent-in-Pulp
The first successful work on solvent-in-pulp (SIP) recovery
of metals was that on the extraction of uranium from the
slurry of a sulphuric acid leach of a flotation concentrate,
containing pyrite and graphite, using a tertiary amine
(Ritcey et al., 1967). The equipment used for extraction
consisted of a 10-inch diameter extraction sieve-plate
pulse column. Plates were spaced 2 inches apart down the
12-foot length of the column. With a hole-diameter of the
plates of 3/8-inch, and 28% open area, a throughput rate
of 32.5 m3/h/m2 was achieved, with uranium recovery of
98%. The capacity was not seriously affected by the pulp
density in the range of 30 to 40% solids, and the amine loss
was economically acceptable at 0.05 kg/t dry feed.
Extraction of uranium was from an acid slurry at pH
1.5 to 2, and a 5 vol% tertiary amine, Alamine 336 (General
Mills (Cognis)), was the extractant in a kerosene diluent
containing 3 to 5 vol% isodecanol to improve phase
disengagement. The leach slurry consisted of 90% minus

Subsequent solvent-in-pulp investigations were
performed on other U-containing material using 2-inch
diameter columns, 23-feet in total height (Ritcey, 1971).
Slurries resulting from bacterial, atmospheric, and pressure
leaching were tested. The bacterial leach slurry had a
particle size of 70% minus 200 mesh with an ore specific
gravity of 2.75, and contained 3.5% S. The leach solution,
at pH 1.7, contained 0.25 g/L U and 7.2 g/L Fe. Losses of
0.065 kg/t dry feed were achieved from slurries containing
up to 25% solids (Ritcey, 2006). Processing of slurry
resulting from pressure leaching of an Elliot Lake uranium
ore gave similar results for amine loss, together with
excellent recovery of uranium.
By-Products of Uranium
Thorium
During the late 1960s and early 1970s it was predicted that
nuclear energy could switch from uranium-based to
thorium by the year 2000. Because the Elliot Lake uranium
operations were sending to tailings considerable barren
solutions containing thorium and rare earths, that source
was considered as an ideal feed for thorium production.
Thus, during that period, thorium and rare earths were
recovered as by-products at two of the Elliot Lake uranium
operations: Denison Mines and Rio Algom Mines. The
uranium ore mineralization was essentially brannerite and
uranothorite plus rare earth minerals, pyrite, chalcopyrite,
quartz and clay minerals. In the leaching of uranium from
the Elliot Lake ores, about 75% of the thorium associated
with uranium plus considerable rare earths were
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solubilized in the sulphuric acid leaching process. In the
uranium circuit, the uranium was recovered by solid ion
exchange.
The process for the recovery of thorium at the Rio
Algom Mine in Elliot Lake is shown in Figure 19.
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Figure 19. Rio Algom Mines Thorium Circuit
An undisclosed organic phosphorous compound was
the extractant (Vermeulen, 1966). The aqueous feed pH
was in the range of pH 1.8-2.0. Extraction took place in
three stages of mixer settlers, at an O/A ratio of 10. Three
stages of stripping with 10 N H2SO4 recovered the thorium
from the solvent. Thorium sulphate crystallized readily
from the strip liquor, and contained co-extracted
impurities such as aluminum, iron and rare earths. Repulping the precipitate in 10 N acid removed the impurities
as soluble salts, together with the release of entrained
solvent. The crude thorium sulphate product contained
some acid after pressure filtration, but was stated to be
suitable for the production of high purity salts, oxide or
metal. The thorium sulphate product was shipped to
Thorium Limited in Britain for further purification. In
addition, small amounts were refined by Rio Algom to a
grade of 99.8% ThO2 and shipped to Dominion Magnesium
in Haley, Ontario for the production of metal, pellets and
powder (Williams, 1968). A bleed of 10% of the stripped
solvent was scrubbed with hydrofluoric acid to remove
residual contaminants.
Initial thorium production was through the use of an
alkylphosphate extractant, with non-selectivity of thorium
over many other impurities. Research at the Canadian
Mines Branch (CANMET) in Ottawa was aimed at the
development of a process for the co-extraction of uranium
and thorium, either directly from acid leach solutions or
from ion exchange barren solutions, and the subsequent
recovery of separate fractions of uranium and thorium
(Ritcey and Lucas, 1972). This approach, besides producing
high purity uranium and thorium products, also eliminated
the costly precipitation procedure for thorium elimination
which also accounted for high losses of rare earths by coprecipitation (Lucas and Ritcey, 1975). Recovery of rare

earths was also of interest at that time, as it is again at
present.
One of the flow sheets developed and tested for the
production of high purity thorium sulphate and UO3 at the
mill site included co-extraction of Th and U with either a
Primary or Secondary amine, followed by scrubbing the
loaded solvent with dilute (e.g., 1%) nitric acid to remove
co-extracted iron. The U and Th were then co-stripped
with 25% HNO3 which was then contacted in another
solvent extraction circuit with 25% TBP to separate the U
from the Th (Ritcey, 2006; Ritcey and Wong, 1984). The U
was recovered by water stripping, followed by boil-down in
a conventional denitration circuit (Burger and Jardine,
1958) to yield high purity UO3. The raffinate containing the
Th was treated in a separate denitration circuit to yield
thorium oxide or thorium sulphate. The regenerated HNO3
from the denitration circuits was recycled. Sieve-plate
pulse columns were used in the pilot tests. Using a 12-feet
high column, 98% of Th and U were co-extracted together
with less than 1% of the Fe. However, although technology
was developed for a thorium cycle, the uranium cycle
continues to this day.
Rare Earths
In the late 1960s, both Denison and Rio Algom Mines in
Elliot Lake, Ontario, produced a bulk rare earth precipitate
from the ion exchange barren solutions following the
recovery of uranium. The final concentrate contained 815% Y2O3 and 15-30% total RE2O3 including yttrium.
Subsequently at Denison Mines, the use of solvent
extraction was adopted, using an alkylphosphoric acid
(DEHPA) as the extractant in contact with the pH 2.4
barren feed solution in a single extraction centrifugal
contactor to make the chemical and physical separations
of the aqueous and organic phases. The new plant
commenced production October 1967. A smaller
centrifugal contactor was used for stripping the rare
earths, where nitric acid was used to recover the yttrium
and rare earths. The strip solution then was adjusted in pH,
first with lime addition followed by ammonia gas to
precipitate a bulk rare earth concentrate containing
approximately 30-35% Y2O3 and 60-70% RE2O3 including
yttrium. Because the strip operation was only about 6080% efficient, considerable values remained on the solvent
after stripping. A bleed stream was treated with strong
sulphuric acid that removed the Th by precipitation.
Subsequent research at CANMET (Lucas and Ritcey, 1975)
indicated separate pairs of compounds could be produced
by variation of the pH and phase ratio when using the
short contact time (in the order of 10 seconds) that the
centrifugal contactor provided during extraction.
Zirconium
A successful process was developed by Eldorado Nuclear
(Ritcey and Conn, 1967; Ritcey, 1987) for the treatment of
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zircon sands to produce a nuclear pure hafnium–free
zirconium by solvent extraction using sieve-plate pulse
columns that continuously handled the high silicacontaining feed solution.
Eldorado Nuclear installed the process at their Port
Hope Refinery, using Mixco columns, 30 feet high and 30
inches diameter. The plant was shut down after about two
years operation due to a decrease in zirconium
requirements, which were tied closely to nuclear fuel
demand by reactors as cladding for the uranium dioxide
fuel pellets. The feed material to the circuit was Australian
zircon sand, containing about 2% hafnium on a zirconium
basis; the composition of the zircon was (%): 46.3 Zr, 2.7
Hf, 32.7 Si, 0.20 Ti, 0.08 U, 0.08 Fe, 0.04 Y, 0.015 Th and
less than 0.04 Cr.
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product contained < 200 ppm Hf on a Zr basis. Zirconium
tetrafluoride was produced from this concentrated zirconyl
nitrate solution by the addition of 70% hydrofluoric acid
(Craigen et al., 1970). Following filtering, drying and a
polishing step with gaseous HF, to convert any oxides or
oxyfluorides to ZrF4, the product was reduced with calcium
to produce a zirconium ingot.
The process was eventually scaled-up to an $8 million
plant in 1968, having a capacity of 300 tonnes of zirconium
metal per year. Although successful pilot plants using
sieve-plate pulse columns, at various diameters, were
piloted and scale-up data were obtained, Mixco columns
were chosen as the contactors for the plant. The latter
proved less efficient. The ingots that were produced by the
process were subsequently vacuum arc melted, cast and
extruded as tubing. The zircalloy tubing is used for
containment of the UO2 fuel pellets for the CANDU
Canadian nuclear power reactors.

C - Stripping

D - Solvent Equilibration

Figure 20. Zirconium Extraction Process Used in Eldorado
Nuclear Pilot Plants (Ritcey and Ashbrook, 1979)
The sand was heated in the presence of caustic to
750ºC, and the resultant cake or “frit” was then waterwashed to remove sodium silicate, and subsequently
dissolved in 12N HNO3 to yield a solution containing about
100 g/L Zr at a free acid concentration of about 7.5N. This
solution was then sent to the solvent extraction circuit. A
schematic drawing of the pilot plant circuit is shown in
Figure 20. Feed solution at 100 g/L Zr, containing up to 7 or
8 g/L Si and about 2 g/L Hf, and with an S.G. of 1.4, entered
part way down a 40-foot high sieve-plate pulse column.
This feed solution was contacted, organic continuous, with
a 50% solution of TBP in kerosene which had previously
been equilibrated with nitric acid. An O/A ratio of 4/1 was
maintained. A scrub recycle from a second 40-foot high
scrub column entered the top of the extraction column to
increase the scrubbing efficiency for hafnium removal. The
scrub feed solution entering the aqueous continuous scrub
column was 4.5N free HNO3, and the final raffinate from
the extraction column contained about 5 to 6 N free HNO3
together with essentially all the hafnium and 1 to 3 g/L Zr.
The scrubbed solvent passed to a third column for
stripping with water to recover zirconium nitrate that was
subsequently evaporated and recrystallized. The resultant

The first application of solvent extraction to the copper
industry was in 1968. The driving force behind the change
was pollution created by copper smelter off-gases; thus
the gradual change from the smelting route to
hydrometallurgy (and solvent extraction) to reduce the
amount of SO2 going to the atmosphere. The result was
immediate success in USA and Africa where the first large
solvent extraction plants were built, using a new
extractant, a chelating oxime. Many variations would
follow over the next 20 years. The typical Cu-SX-EW
process involves contact of the acidic leach solution with a
chelating extractant, usually in two or three stages,
followed by recovery of Cu from the solvent with one or
two stages of stripping. Some operations include a wash
stage prior to stripping to remove entrained aqueous feed
solution. The strip product solution passes to an
electrowinning plant to recover the copper as high purity
cathodes.
Although there has been considerable research on
aspects of copper solvent extraction applications in Canada
by major companies and government laboratories, the
actual use has not been as great as perhaps would have
been expected. Gibraltar Mines near Williams Lake, in
south central British Columbia is one exception. This has
been a successful operation. It is an open pit mining
operation dating to the early 1970s. The SX-EW plant
which commenced operation in 1986 was refurbished in
2006 and is now capable of producing 7 million pounds of
LME copper cathode annually (Taseko Mines, 2007). In the
early operation of the solvent extraction plant the
chelating extractant was an Acorga tridecanol modified
reagent. This reagent provided good kinetics and operated
for the initial 10 years at temperatures as low as 3oC. Other
copper operations are currently in the development stages
in considering solvent extraction. This includes the
Carmacks Copper Project, located 190 km north of
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Whitehorse, Yukon. It will be an open pit mine with an acid
heap leach and a solvent extraction circuit followed by
electrowinning to produce 14 500 tonnes of LME grade
copper cathode annually.

was found satisfactory (Ashbrook et al., 1969). The
integrated process of leaching and the subsequent
purification stages to produce the several metals is shown
in Figure 21.

Cobalt-Nickel

Conc. H2SO4
and HNO3
Speiss

Eldorado Nuclear
H2O

The first Co-Ni process for the separation and recovery
of cobalt from nickel in a sulphate medium used an
alkylphosphate extractant (Ritcey and Ashbrook, 1968;
Ritcey et al., 1975). In that process, used in the early
1960s, the control of the equilibrium pH at about pH 5-6
was by a then-novel step involving the pre-equilibration of
the solvent with either NaOH or NH4OH. (Actually any
alkaline reagent can be used, or a metal salt that will be
replaced by the metal being extracted, e.g., Co). This
introduction of a purification scrub using a cobalt salt was
also novel. The process, which ran for a time in the
Eldorado Nuclear uranium refinery at Port Hope, Ontario,
used a single sieve-plate pulse column in each of extraction
and scrub, thus providing many theoretical stages to
achieve high purity. Increased Co-Ni separation was
achieved at elevated temperatures. Phase continuity was
also controlled for each stage in the process to enhance
the metals separation.
Following successful pilot plants (Ritcey and Ashbrook,
1968), Eldorado Nuclear also ran a Co-Ni separation
process on a plant scale at their Port Hope refinery for the
recovery of copper, nickel, cobalt, and silver. Feed material
consisted of residues, dump chemical precipitates, ores,
concentrates, as well as high grade cobalt arsenide speiss
containing appreciable amounts of silver and other metals.
By control of the conditions of the leach, which was a
mixed nitric-sulphuric acid leach (Ritcey and Ashbrook,
1981), calcium solubility was minimized, and there was
essentially no solubility of the native silver, which was
recovered from the leach residue. On cooling the filtrate a
crystalline As2O3, grading 75% As, was produced which was
recovered by filtration. The remaining arsenic was
precipitated as ferric arsenate after oxidation of the leach
filtrate to > 700 mV by the addition of HNO3 and then
neutralization at room temperature to pH 3.5 with
limestone. Entrained cobalt and nickel values were
recovered from the filter cake by re-pulping at pH 2.8. If
residual arsenic was present, the addition of ferric sulphate
(as “ferric-floc”, containing 5% of total iron in ferrous
state) precipitated the arsenic. The interference of calcium
and magnesium was eliminated by the addition of
ammonium bifluoride, 10% excess of stoichiometric.
Copper was removed either by cementation on cobalt
powder or by solvent extraction using a chelate extractant.
At the time of the development of the process in 1964, LIX
63 was the only reagent possible for copper extraction, but
because of co-extraction of cobalt and nickel it proved
unsatisfactory. A synergistic mixture of LIX 63 and DEHPA
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Figure 21. Treating Cobalt Materials for the recovery of Co
and Ni at Eldorado Nuclear (Ritcey and Ashbrook, 1968)
Pilot plant trials using a 2-inch diameter, 40-foot high
sieve-plate pulse column, were conducted on synthetic
and actual feed solutions, where the cobalt concentration
in the feed was varied from 7 to 20 g/L, and the Co/Ni ratio
varied at 1:3, 1:1 and 2:1. The solvent consisted of 20% or
30% DEHP(NH4) plus 5% TBP dissolved in Shell 140
kerosene. An equilibrium pH of 5 to 6 was maintained at a
temperature of 60oC. Both aqueous and organic
continuous phases were used. Column height
requirements decrease with increasing temperature up to
60ºC.
The diagrammatic flowsheet for the solvent extraction
process plant is shown in Figure 22. After contact of the
feed solution at pH 5.0 to 5.5, with 20% DEHPA previously
equilibrated with NH4OH, the loaded solvent is scrubbed
with a cobalt sulphate solution at a pH of 5.0 to 5.5. A
bleed of the scrub recycle stream is returned to the
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extraction circuit as the nickel content is increased due to
scrubbing. The cobalt in the scrubbed solvent can be
stripped by sulphuric, nitric or hydrochloric acid. If
sulphuric acid stripping is used, the resultant cobalt
sulphate solution can be reduced by hydrogen in the
conventional manner (Veltman et al., 1964) or electrowon,
or alternately crystallized as cobalt sulphate salt. A portion
of the cobalt sulphate solution is returned to the scrub
circuit to maintain the necessary cobalt balance in this
circuit. If nitric acid is used for stripping, the cobalt nitrate
strip solution is then evaporated, denitrated to cobalt
oxide, and finally reduced to cobalt metal under a
hydrogen atmosphere. The nitrous oxide from denitration
is recovered in a gas scrub circuit and converted to nitric
acid for return to the stripping circuit.
Aqueous
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Acid Strip
Sol'n

B - Scrubbing
Scrubbed
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B
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Figure 22. Separation of Cobalt and Nickel Using DEHPA as
Extractant (Ritcey and Ashbrook, 1968)
Initially, columns were used for extraction, scrubbing,
and stripping. Later work showed that expensive columns
could be replaced by cheaper mixer-settlers in the
stripping stage, since multi-stage contact for stripping was
not necessary. Also, a mixer-settler was used for
equilibration of the solvent; although, if anhydrous
ammonia were used, then it could be bled directly into the
solvent feed pump. The final cobalt salt produced is
dependent upon the type of acid used for stripping. If
sulphuric acid is used, then by controlled evaporation of
the strip liquor to a predetermined specific gravity, cobalt
sulphate is produced. With nitric acid stripping the cobalt
nitrate solution may be evaporated and denitrated, until
finally cobalt oxide is produced. Reduction of the oxide
under a hydrogen atmosphere at 800ºC results in cobalt
metal.
In plant operations, the first stage in treatment of the
cobalt nitrate strip solution was to evaporate to a density
of 1.7 g/mL. Denitration of the crystals was at 300ºC for a
period, and then at 500ºC until no further fuming. With
this procedure, however, any calcium and magnesium

impurities present were difficult to remove by leaching. By
first heating to 170ºC, yields of 85% of the cobalt were
obtained and this oxide could be purified by waterleaching the Ca and Mg impurities down to levels of 0.03%
and 0.1%, respectively.
The patent (Ritcey and Ashbrook, 1968) for the solvent
extraction separation of cobalt and nickel, described
above, using DEHPA, was licensed in the early 1970s to
Nippon Mining in Japan, and also to Inco where it was to
be incorporated in their new refinery in Sudbury (see
below). The Nippon circuit started up late in 1975 (Ando et
al., 1977); however, by the time the plant went on stream,
the alkyl phosphonic acid Dihachi PC 88-A was available
and replaced DEHPA in the circuit for Co-Ni separation. The
removal of Zn impurity from the Nippon process stream
was then by DEHPA.
The DEHPA separation process described above was
also used by the same authors (Ashbrook and Ritcey, 1971)
for the recovery of cobalt from solutions arising from the
hydrometallurgical treatment of superalloy scrap material.
Such scrap contains varying quantities of constituents,
such as (%): 37.5 Ni, 4.0.Co, 12.5 Cu, 26.5 Fe, 10.0 Cr, 5.0
Mo, 2.W and 2.5 Nb-Ta, and depending upon the type of
alloy, can also contain Ti, Mn, Si and Al. Dissolution of
alloys containing substantial amounts of cobalt and nickel
was accomplished using 3.7 kg H2SO4 and 0.7 kg SO2 per kg
of alloy. A solid/liquid ratio of 1/20 and a temperature of
90oC were found to be optimum. The dissolution time
required was dependent on factors such as the type and
size of the feed material. The residue contains the Mo and
W in an upgraded form, together with some Ni and Fe and
traces of the other metals.
The leach liquor, containing 95% or more of the
soluble metals: nickel, iron, cobalt, copper and chromium
will be in the reduced state (Fe2+ and Cr3+), with the EMF
ranging between 250 to 300 mV. Prior to precipitation of
the iron and chromium, nitric acid is added to the solution
to give an EMF of 800 mV that oxidizes the iron. Limestone
addition to pH 4 precipitates both the iron and chromium,
with a minimum loss of cobalt and nickel. Entrained values
are recovered by re-pulping with an acid solution at pH 2.5.
Any molybdenum and/or tungsten leached in the
dissolution step will probably have been removed along
with the iron and chromium.
The solution feed to solvent extraction contains
approximately (g/L): 14.0 Ni, 4.4 Cu, 1.3 Co, 1 Ca, < 0.1 Fe
and <0.01 Cr. Copper is removed by cementation on cobalt
powder or by solvent extraction, and the cobalt and nickel
recovered by solvent extraction separation using DEHPA as
described for the Eldorado process for recovery from ores,
concentrates, and residues (Ritcey and Ashbrook, 1968;
Ritcey et al., 1975).
Inco CRED Process
The Inco CRED process for nickel, cobalt, copper and
PGM recovery from pressure carbonylation residue is
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described above. The carbonylation residue is pressure
leached with sulphuric acid, yielding a sulphate solution
containing about 21 g/L Ni and 7 g/L Co, after removal of
copper and impurities. A solvent extraction circuit was
designed and built to accomplish Ni-Co separation. In the
process as designed, the Ni-Co sulphate solution, at 85ºC,
would be contacted with 30 v/o DEHPA containing 5 v/o
TBP in an aliphatic diluent (Shell Animal Spray base stock,
flash point 132ºC). The plant design incorporated a 66-foot
high, 6-foot diameter, stainless 316 Lightnin Mixco column
for extraction, with the aqueous feed the continuous
phase. Agitation would be approximately 150 rev/min,
using a 7.5 hp motor. A 3-foot section at the top of the
column would allow for phase disengagement, and an
external fiberglass settler would complete the separation
of the two phases. Of the 66-feet of column, about 55-feet
were to be agitated.
At an A/O ratio of about 3/1, the flows would be
approximately 240 L/min aqueous and 20 L/min organic.
The solvent would be pre-equilibrated with sodium
hydroxide in a fiberglass mixer-settler, and the equilibrium
pH during extraction would be maintained at pH 5. Inco
expected a loaded solvent containing 24 g/L Co and 1.2 g/L
Ni, giving a ratio of Co/Ni of 20/1, which would be further
purified in the scrubbing stage. About 95% of the cobalt
would be extracted. The cobalt remaining with the nickel
raffinate would be no problem, since the raffinate would
be precipitated with Na2CO3 and recycled to the carbonyl
circuit. Scrubbing was to take place in 3-stages of fiberglass
mixer-settlers (each unit of approximately 300 gallons
capacity). Scrub solution would be dilute H2SO4 (3 v/o), at a
phase ratio of O/A 10/1. This would equate to about 20%
cobalt recycle. After scrubbing, the Co/Ni ratio would be of
the order of 500/1. Stripping would be performed in a
stainless 316 Mixco column, 35-feet high and 3.5 feet in
diameter. Sulphuric acid would be the strip medium and
the strip liquor would contain about 100 g Co/L. The final
cobalt product would be produced by precipitation of the
cobalt sulphate with Na2CO3 and shipping to Clydach,
Wales for further refining. The nickel sulphate raffinate
would be precipitated with Na2CO3, and this nickel
carbonate, containing some cobalt, would be recycled to
the carbonyl circuit. Although designed and built, this
solvent extraction circuit was never operated.
Cyanex Reagents
Cytec Canada in Welland, Ontario in the early 1980s
developed several phosphinic extractants. The initial
extractant was a phosphinic acid, Cyanex 272, which
resulted in improved separation factors for Co-Ni
separation. The Co-Ni separation increases in the order
phosphoric < phosphonic < phosphinic at 50ºC. Most Co
plants are now using that reagent. Following Cyanex 272,
the extractants Cyanex 301 and Cyanex 302 became
available. These extractants are the respective dithio- and
monothio- analogues of Cyanex 272. The pH at which

extraction of each metal occurs, decreases in the order
phosphinic < monothiophosphinic < dithiophosphinic acid.
Use of Cyanex 301 means that Co and Ni are coextracted and a strong acid co-strips the metals. A second
solvent extraction circuit with another reagent is required
for separation of Co from Ni. Vale’s Goro plant has such a
flow sheet, as described above. The Goro process was
developed, tested and early piloted in Canada prior to a
larger pilot operation in New Caledonia (Mihaylov et al.,
2000) using Bateman pulse columns (Bateman, 2005). This
type of flow sheet is similar to that of plants that have
extracted metals from strong chloride media (e.g.,
Falconbridge and others), or in the Sumitomo plant where
Versatic co-extracts the Co and Ni followed by co-stripping
with HCl and Co subsequently separated with a tertiary
amine.
Falconbridge Nickel
The early flow sheet for the Falconbridge Nickel (now
Xstrata) matte leach plant in Kristiansand, Norway is
shown in Figure 23 (Thornhill et al., 1971) and is also
described below.

Figure 23. Early Falconbridge Nikkelverk A/S Matte Leach
Process (Thornhill et al., 1971)
The filtrate from hydrochloric acid leaching of matte is
purified and cooled to room temperature before going to
solvent extraction. Feed to the solvent extraction
operation is at the rate of about 10 m3/h, and containing
about 120 g/L Ni, 165 g/L HCl, and 2 g/L of each of Fe, Co
and Cu. Iron is first extracted after oxidation with oxygen,
in two stages, using 4% TBP, followed by 3-stage water
stripping. Cobalt and copper are extracted with Adogen
383 (10% T10A) in three stages, followed by 3-stage water
stripping, first for Co at O/A 30/1, and then Cu at O/A 20/1.
Any remaining Fe is removed in an additional water
stripping stage. Solvesso 100 is the diluent throughout the
plant. The copper strip is recycled to the main refinery
circuit, the cobalt strip is further refined in the cobalt
refinery, while the nickel chloride in the raffinate from
extraction goes to crystallization.
316

The Canadian Metallurgical & Materials Landscape 1960 to 2011

Complex Sulphides
There are many deposits of complex, fine grained
sulphides in Canada and elsewhere. CANMET initiated
work on complex sulphides in the early 1970s and
continued to the early 1990s resulting in various pilot plant
campaigns on several concentrates. When differential
flotation was not able to produce either a good Zn or a Cu
concentrate at several producing mines, CANMET initiated
research to determine whether a process could be
designed to improve the recovery and product grades at
the mill. Following bench tests on treating ores and
concentrates and an economic analysis, the conclusion was
to produce a bulk concentrate and develop a
hydrometallurgical process for the treatment. Both
aqueous leaching and low and medium temperature
chlorination were investigated to treat bulk concentrate,
e.g., with composition as shown in Table 2. The
developments are shown here although there is no
operating plant to this time. Several companies in Canada
have piloted the process on their concentrates.

The FeCl3 flowsheet (Ritcey et al., 1980; Ritcey, 2004)
is shown schematically in Figure 24. Lead is removed from
solution as PbCl2 crystals by cooling the leach filtrate; Ag is
removed by cementation, and Cu by SX–EW or
cementation with Fe. Zinc is recovered by SX-EW. Copper
solvent extraction is with Acorga P5300, while TBP is used
for Zn extraction from chloride. Using 75% TBP, four stages
were required for Zn recovery. Prior to stripping, the
loaded solvent was scrubbed with a solution containing 25
g/L Zn in 3 M NaCl. Zn was recovered by stripping with
return electrolyte containing 15 g/L Zn at pH 1.0 HCl. An
electrolyte of 45-50 g/L Zn was produced, but also
containing about 1000 mg/L Fe as a contaminant.
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Figure 24. Schematic Flowsheet for FeCl3 Processing of
Complex Sulphides (Ritcey, 2004)
In electrowinning from chloride media for Zn, about
0.5 g/L Fe is tolerable in the electrolyte. Thus the strip
solution was treated in a separate solvent extraction step
with MEHPA to remove Fe prior to the Zn-EW circuit. The
Zn-SX flowsheet is shown in Figure 25.
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Table 2. Mineralogy of Bulk Flotation Concentrate of
Brunswick Mining & Smelting (Ritcey, 2004)
Mineral
Formula
Content, wt%
Sphalerite
ZnS
49
Pyrite
FeS2
33
Galena
PbS
9.4
Anglesite
PbSO4
2.0
Chalcopyrite
CuFeS2
1.9
Siderite
FeCO3
1.8
Arsenopyrite
FeAsS
0.46
Tetrahedrite
[Cu,Ag]12 Sb4S13
0.25
Pyrrhotite
FeS
0.01
Quartz
SiO2
0.90
Dolomite
MgCO3.CaCO3
0.38
Calcite
CaCO3
0.54

H2O
Strip

Zinc SX

Obtain high leach extractions of all valuable metals in
the concentrate;
Obtain high conversions of reactive sulphides to
elemental sulphur, with minimum sulphate and/or SO2
formation;
Carry out purification and electrowinning operations
without converting from chloride to sulphate media;
Produce high value products, requiring little or no
further processing;
Maximize lixiviant recycle, to minimize reagent makeup, bleed stream requirements and effluent treatment
costs; and
Produce easily disposable iron-bearing residues, which
minimize environmental impact.
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Electrowinning and Electrorefining

Zinc Solution Purification

Zinc Electrowinning

Electrochemical mechanisms by which cobalt is removed
from zinc solution during cementation with zinc dust have
been studied at UBC. Underpotential deposition of zinc is
claimed to occur and hinder the removal of cobalt. The
formation of mixed Cu-Sb-Zn-Co phases has proven to be
critical to the removal of cobalt. During cementation, basic
zinc salts precipitate and passivate the zinc dust, hindering
the zinc deposition reaction.
An important contribution to the understanding of
cobalt cementation was also made by researchers at the
Noranda Technology Centre, where it was found that
organics (flocculants and glue) hinder the kinetics of cobalt
cementation onto zinc dust (Houlachi et al., 1989).
Kidd Creek installed a new cementation reactor as part
of their purification process for cadmium removal in 1989.
The new reactor, designed by Outokumpu, improved the
kinetics of cementation while producing a relative pure
cadmium product. Kidd made significant process
improvements while adapting this technology to their
operation. The principle of the technology is the use of a
high concentration zone of zinc particles fluidized by
solution flow to suspend the particles in the various
reactor compartments. Flocculants are added to prevent
the formation of excessively large zinc agglomerates. The
cadmium reactor is shown in Figure 26.

Arguably the most important development in the
electrowinning of zinc in the past fifty years was the
implementation of mechanical stripping of zinc cathodes in
the 1970s, allowing for the use of larger cathodes and a
substantial increase in productivity. Although the first
technology for automated stripping machines was
developed in Europe (Italy and Belgium), several variations
and new designs were later adapted and installed in
Canadian zinc plants. Optimization of the stripping
machines to fit the needs of each zinc plant has included
variation in the type of plastic edges used as well as the
insulators.
Canadian Electrolytic Zinc (CEZ) first adopted the
Vieille Montagne stripping machine in 1976 and installed
additional Vielle Montagne automated mechanical
stripping technology in 1990. Cominco (now Teck)
commissioned an ultra-modern and highly automated
cellhouse at Trail in 1983, based on the results of pilot
plant tests initiated in 1977. Researchers at Trail developed
a new contact system to allow increased energy efficiency
by operation at low current density and their operation is
at 400-440 A/m2. Various versions of electric contacts were
also developed by CEZ and the other Canadian zinc plants.
The improvement in productivity in these new cellhouses
has been dramatic, resulting in a labour intensity reduction
from 2-2.5 to about 0.6-0.8 man-hours per tonne of zinc.
At Kidd Creek (now Xstrata), several mechanical
stripping options were evaluated, including “top down”
knife entry at the solution line, flexing and rapping, and
electro-deposited zinc edge preparation through insulating
disk cathode attachment, before a final design of the
stripping machine was selected. The pre-production unit
was on site by April 1994 and development continued until
the equipment was upgraded to a full production unit in
September 1995. By November 1999, four auto-strippers
had been installed, delivering 34 rows per day routinely.
Fundamental work on electrolysis has been conducted
by researchers at the University of British Columbia (UBC),
Teck Cominco, Hudson Bay Mining & Smelting,
Xstrata Kidd Creek and CEZ and the effect of impurities on
zinc electrolysis was investigated by CANMET (Mackinnon
et al., 1979, 1987).
Dr. E. Ghali and his team at Laval University have been
active in the study of corrosion of various Pb-Ag anodes
(Jin et al., 2000).
An on-line sensor for detecting the quality of the
purified solution entering the cellhouse was developed at
the Noranda Technology Centre in Pointe Claire, Quebec
(Houlachi et al., 1993). This sensor has proven to be very
useful during periods of process upset affecting the quality
of the electrolyte.

Figure 26. Fluidized bed reactor for cadmium removal
(Outotec, 2011)
Another important development by CEZ was the use of
water-atomized zinc dust for the purification process. This
technology is based on the formation of large surface area
zinc dust particles thus providing larger cathodic sites for
the cementation reactions (Figure 27). As a result, zinc dust
consumption during purification is significantly reduced.
Other advantages include a reduction in energy
consumption by the atomizer and a smaller footprint. The
process has since been licensed to Teck.
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The effect of surface finish has also been found to
affect the corrosion of the anodes. The management of the
protective PbO2 layer is important to enhanced anode
performance in its harsh working environment. A surface
pre-treatment method for Pb anodes rapidly produces a
thin adherent glass film of MnO2 which forms adherent
PbO2. Another pre-treatment method was developed by
CEZ using a KMnO4 solution where the new anodes are
immersed for a certain time to produce a MnO2 film at the
surface of the electrode. CEZ also use an alternative
surface treatment consisting of peening the surface of the
anode with various abrasive elements including sand
blasting to enhance the corrosion resistance. The peening
modifies the surface texture, enlarging the surface area
and enhancing adhesion of active materials or coatings
such as MnO2 which further protects the anode during
electrolysis.
Teck have preconditioned lead anodes by
electrochemical treatment in fluoride containing solution
to form an adherent PbO2 layer, to which MnO2 naturally
adheres (Gonzalez et al., 2005).
Integran Technologies in Toronto developed a method
of improving anode performance by a process of selective
and repetitive recrystallization, whereby cast or wrought
starting stock of commercially pure lead, or of common
electrowinning electrode material, is sequentially
deformed (e.g., rolling, pressing, stamping, extruding,
drawing, etc.) and heat treated to induce recrystallization
(Lehockey et al., 2000).
Lead Refining

Figure 27. Photomicrographs of zinc dust
atomized by air (upper) and water (lower)
Lead Anodes for Electrowinning
Insoluble anodes are widely used in industrial
hydrometallurgical processes. Anodes based on lead alloys
have been used for over 100 years in the electrowinning of
zinc and copper. Good anode materials must be able to
pass high current densities, survive in aggressive
environments and possess very good corrosion and wear
resistance.
RSR Corporation is the major producer of Pb-Ag
anodes for zinc electrowinning. In Canada, Fonderie
Generale in Montreal has also been very active as an
anode producer, supplying lead alloys for the zinc and
copper electrowinning industries.
Numerous developments and evaluations of anode
technologies and anode alloys have been conducted in the
past few decades by the four zinc plants in Canada:
Cominco (Teck), Hudson Bay, Kidd Creek (Xstrata) and CEZ.
Casting of lead alloy anodes used to be the standard
method of producing anodes for the metal electrowinning
industry. However, casting defects and holes contribute to
penetrating corrosion and premature failure in the cast
anodes, and cold or hot rolling technologies have replaced
the casting method for making anodes.

Over 90% of installed capacity for lead-bullion refining
worldwide is based on pyrometallurgical methods.
Nonetheless, electrolysis yields lead that is very low in
bismuth (< 10 g of bismuth per tonne of lead), which
cannot be economically produced by the pyrometallurgical
route.
The Betts electrorefining process pioneered by
Cominco in 1902 is still used at Teck's Trail operations to
efficiently purify lead bullion. Bullion from the Kivcet
furnace is melted and cast into anodes for electro-refining
in the 1000-cell refinery. Refined lead is cast into thin
starter sheets for the cathodes. These anodes and
cathodes are set into cells containing fluosilicic acid (90
g/L) and dissolved lead (70 g/L) for a five-day cycle. Refined
lead cathodes are remelted and cast in required shapes for
customers. In the lead refinery, lead bullion is remelted
and cast into anodes using an automated casting machine,
making the impure lead ready for electrorefining. Figure 28
shows the simplified lead refining process flowsheet.
Long term studies and years of industrial practice,
especially by Teck/Cominco researchers (Gonzalez, 1994),
have led to a sufficient understanding of the levelling
mechanisms of lignin sulphonate and aloes, to permit the
use of polarization measurements for controlling the
concentration of these species in the industrial electroIyte
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for lead refining. This control of additives is achieved by
keeping the cathode polarization voltage (cpv) within
preset limits, and adjustments are made by either new
additions or by regeneration (in the case of aloes) with a
thiosulphate salt. The level of additives present at a given
time is directly related to the cpv.
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Figure 28. Simplified Cominco lead process flowsheet
Processing of Anode Slime
In electrolytic lead refining, all of the impurities are
concentrated in the anode slime and must be separated by
a relatively complicated process. The composition of the
anode slime depends directly on the impurities in the
anode lead. In general, anode slime contains not only
noble metals but also high levels of bismuth and antimony.
Different compositions are seen at plants that have
modified their operation for bismuth recovery. The
flowsheet of the refinery in Trail has been published
(Gonzalez-Dominguez et al., 1991), showing the various
combinations of hydrometallugical and pyrometallurgical
processes yielding product lead, dore (gold–silver),
antimonial (hard) lead, and bismuth metal. The complexity
of anode-slime processing places some restrictions on the
inherently elegant electrolytic refining technique.
Copper Electrorefining
Numerous improvements in the efficiency of copper
production by electrorefining have been realized in the
past fifty years, including improvements in current
efficiency, materials handling, electrolyte purification, and
automation and process control. Hiskey (1999) has
compared 1960 and 1995 operating data for several
copper plants, as reproduced in Figure 29 (Hiskey, 1999).
Some of the recent developments that have led to
increases in production and noticeable improvements in
cathode quality have been reusable cathodes, electrolyte
purification, monitoring of additives, periodic current
reversal, and anode preparation machines.

Figure 29. Copper electrorefinery productivity data
for 1960 and 1995 (Hiskey, 1999)
Reusable Cathodes
The use of copper starter sheets dates back to the early
periods of electrorefining. The thin copper sheets created
difficulties due to warping or bending which resulted in
short circuiting. Embossing, lapping, and mechanical
pressing after 24 to 48 hours of deposition were ways of
attempting to ensure straight cathodes. Permanent
cathode blanks have eliminated the need for these steps.
Copper is electrodeposited on a mother plate of
titanium or stainless steel for a suitable time, typically 7 to
14 days. The copper is then removed, usually by a
mechanical stripping machine. Following a visual
inspection, the stainless steel sheets are returned to the
electrorefining cells. Stainless steel technology has been
growing in popularity compared to titanium because of the
significantly lower initial capital expenditure.
There are two different stainless steel technologies,
the ISA Process and the Kidd Process. The major difference
between the methods relates to the bottom of the
cathode. In addition to side-edge strips, the ISA Process
uses wax to prevent copper deposition and thus produces
two sheets (one on each side of the stainless steel mother
plate). The Kidd Process leaves the bottom exposed, which
creates two connected sheets. The absence of wax or
other plating inhibitors in the Kidd Process avoids bottom
edge contamination of the cathode.
Initial development of the permanent stainless steel
cathode technology that became known as the ISA Process
was by Perry and others at Copper Refineries Pty Ltd in
Townsville, Australia in 1978. The industry showed
considerable interest and MIM Holdings, the parent
company of Copper Refineries Pty Ltd, decided to market
the technology in 1980.
The Kidd Process was subsequently developed by
Falconbridge for their Kidd Creek refinery in Timmins,
Ontario, Canada in 1985. In 1992, after many requests
from producers around the world, Falconbridge started
marketing the Kidd Process. Both the ISA Process and the
Kidd Process have undergone continuous improvement
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and today are regarded as the benchmark technologies for
high intensity refining and electrowinning operations.
These two technologies account for over 95% of the
permanent cathode copper tankhouses in the world
(Figure 30).

which is a serious safety issue. The application of periodic
current reversal allows the cathodic potential to remain
less negative than when direct current is applied, thus
operating in a potential range more positive than the point
for arsine emission. In addition, during the reversal cycle,
any potential arsine formed can be oxidized during the
anodic cycle. This technology was implemented at CCR and
allowed for a safer working environment. The technology
was also licensed to other copper refineries.
The removal of As, Sb, and Bi from bleed streams using
solvent extraction and chelating resins has been
investigated at UBC, including an ion exchange procedure
for removing antimony and bismuth using phosphonic type
resins (Dreisinger and Scholey, 1995). The overall efficiency
of the process is improved by contacting the electrolyte
with a packed bed of copper wire turnings, which reduces
ferric iron to ferrous. In addition, this technique can be
used to control the chloride concentration of the
electrolyte.
Additive Monitoring

Figure 30. Modern copper tankhouse (Armstrong, 1999)
Xstrata plc purchased MIM in 2002, and Falconbridge
in 2006 and the Xstrata Technology business unit now
combines the strengths of the ISA Process and the Kidd
Process and offers technology and equipment packages to
the market worldwide.
Electrolyte Purification
While various strategies to remove impurities from copper
electrolyte have been practiced for many decades, there
have been some recent advances in this area. Traditionally,
the copper industry depended on liberator cells followed
by crystallization to control impurities in the main
electrolyte circuit. In the liberator cells, the electrolyte is
decopperized in a series of cascading electrowinning cells.
Electrowinning removes Cu, and As, Sb, and Bi. The first
electrowinning stage usually deposits a fairly pure copper
product. The second and sometimes third electrowinning
stage removes Cu, As, Sb, and Bi. Following electrowinning,
the solution is heated to evaporate water and thus
crystallize Ni, Co, and Fe as sulphate salts. The removal of
As, Sb, and Bi from bleed streams using solvent extraction
and chelating resins has received considerable attention
during the last thirty years.
An important development at the Noranda Research
Centre was the application of periodic current reversal at
the purification section of the Canadian Copper Refinery
(CCR) in the 1970s (Houlachi and Claessens, 1978; 1979).
This technique is effective in controlling the emission of
arsine during the last step of the purification section where
the electrolyte is decopperized from 5 g/L to below 1 g/L
to remove the As, Sb and Bi. Electrolysing at these low
copper levels in solution can result in emission of arsine,

Additives, such as chloride, thiourea, glue and Avitone, are
used extensively in electrorefining as grain refiners and
levelling agents for deposition. They allow the production
of smooth dense cathodes which will not encapsulate
impurities either in the electrolyte or secondary phases.
While additives have been used for many decades, the
monitoring of these additives has been employed much
later. The development of the Reatrol Process by Asarco to
monitor thiourea and the CollaMat system for glue by
Norddeutsche Affinerie have led to substantial
improvements in deposition consistency and improved
current efficiency.
Several methods for monitoring the concentrations of
additives were also developed at the Noranda Research
Centre. On the basis of electrochemical measurements and
ultra-filtration, it was determined that the active glue
fraction had molar masses of 10 000 units and above
(Bharucha et al., 1978). Preferential adsorption of the
higher molar mass proteins has been observed in protein
adsorption studies. This behaviour can be explained by the
existence of a greater number of anchoring segments for
the larger molecule. CANMET evaluated a method for glue
analysis consisting of two steps: the glue is first separated
by molecular filtration from electrolyte and then
determined by overpotential measurement at constant
current. Similar work was conducted by Kidd to evaluate
the effect of molar mass on glue activity. This technique
was used to follow the concentration of the active glue in
the electrolyte. Beginning in 1986, cyclic voltammetry was
used for glue analysis at Inco’s Copper Refinery at Copper
Cliff. This technique was not sensitive enough and was only
able to distinguish between low and high glue
concentrations in electrolyte. In 1990, cyclic voltammetry
was abandoned and a new, quantitative, galvanostatic
technique was developed and has been used since then for
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routine glue analysis and control (Blechta et al., 1993).
The effect of chloride ion on the morphology of
electrodeposited copper under different current densities
has also been reported (Lakshmanan et al., 1977). Chloride
ion additions to 10 mg/L depolarize the cathode reaction
resulting in preferred (022) oriented deposits. At higher
chloride ion concentration, (111) oriented deposits are
preferred. These results have particular relevance to
electrowinning copper from electrolytes obtained from a
solvent extraction separation process.
Nickel Matte Electrorefining
Inco began laboratory testing of the direct electrorefining
of nickel matte anodes in 1951 (Renzoni et al., 1958),
culminating in the construction of the Thompson nickel
refinery in 1960 and first production of nickel in 1961.
Improvements in the materials of construction of the
electrorefining cells and to electrolyte purification were
made in 1967 (Boldt and Queneau, 1967, p. 362-368).
Direct electrorefining of matte eliminates the need to
dead roast the nickel sulphide concentrate to form nickel
oxide and to reduce the oxide to molten metal for anode
production. Instead, low copper converter matte is cooled
and cast directly into 240 kg anodes, which are cooled
slowly in a series of controlled steps to improve the
mechanical handling properties of the anodes. The anodes
contain about 73% Ni, 2.5 to 3.0% Cu, 0.8% Co and 20% S,
with Fe, Pb, Se, Zn and precious metals present as minor
impurities.
In the electrorefining cells, the dissolution of nickel
from the anodes, and plating of nickel on the cathodes
proceeds by the following half reactions:
Ni3S2 = 3 Ni2+ + 2 S⁰ + 6 e3 Ni2+ + 6 e- = 3 Ni

ferric arsenate with electrolytically produced nickel
hydroxide. The current purification flowsheet (Figure 31)
has been used since it was commissioned in 1967.
Hydrogen sulphide is used to precipitate copper and
arsenic as insoluble sulphides from the anolyte. Ground
matte (anode scrap) is then leached to consume H2SO4 and
increase the nickel concentration of the anolyte before
chlorine gas and NiCO3 are added to remove cobalt and
iron by precipitation as a cobalt-iron hydroxide. The
purified electrolyte contains approximately (g/L): 60 Ni, 90
SO42-, 35 Na, 60 Cl, and 16 H3BO3. Nickel cathodes
produced using this process typically contain (%): > 99.95
Ni, with 0.01 Co, 0.001 Cu, 0.001 S and less than 0.0005 As
and Pb.
Cu/As
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Anode Scrap
Leaching
H2SO4

H2S

Ground Matte
(Anode Scrap)
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Nickel
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Figure 31. Simplified flow diagram for anolyte purification
at Thompson
Precious metals are concentrated in the anode sludge
to about 50 times higher than in the original matte anodes.
The anode sludge is separated from the anode scrap,
melted and filtered to remove elemental sulphur before
being crushed and sent to Vale’s Port Colborne refinery for
precious metals recovery.
Cobalt Electrowinning

As the anodes corrode, the anode sludge forms a
strong porous structure, which effectively doubles the size
of the anode and increases the resistance across the cell.
As a result, the operating voltage for the cells typically
goes from about 2 V for fresh anodes to 4 V over the
course of the 15-day anode cycle. Anodes are contained in
polypropylene bags to contain the voluminous anode
slimes produced. The current density in the electrorefining
cells is typically 215 A/m2.
About 15% more nickel is plated at the cathode than is
dissolved at the anode, due to dissolution of impurity
elements, such as As, Co, Cu, and Fe, and the formation of
hydrogen ions during the oxidation of elemental sulphur to
sulphate or the evolution of oxygen at the anode.
This nickel deficiency is corrected in anolyte
purification through the removal of impurity elements
from the anolyte and by leaching nickel from anode scrap.
In 1961, purification was accomplished by cementing
copper on nickel shot and precipitating arsenic as basic

A description of the process in use at Vale’s CRED plant is
provided above in the Leaching section. Cobalt carbonate
intermediate from the CRED plant has been refined since
1983 in Port Colborne, where it is leached and purified of
iron, copper and zinc before the cobalt is precipitated as
cobaltic hydroxide. The hydroxide is re-leached in spent
cobalt electrolyte under reducing conditions and the liquor
further purified to remove traces of copper and nickel,
prior to electrowinning (Agnew et al., 1988).
Cobalt is electrowon from the purified electrolyte at
Port Colborne as Rounds®, which are 1” diameter cobalt
discs, deposited onto stainless steel mandrel sheets.
Production of Rounds® avoids problems associated with full
sheet deposition and stripping of cobalt, and also allows
the use of divided cell technology, with the associated
efficiency benefits.
At Port Colborne, the mandrel sheets are produced by
applying dielectric, heat cured epoxy paint to blank
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stainless steel cathodes. A suitable, non-conducting
pattern is produced on the cathode surface using a silk
screen. The paint lasts between 8 and 10 cycles, after
which it must be re-applied. The mandrel surface is also
periodically sandblasted, exposing virgin metal, to maintain
deposit adhesion. The divided cell design used at Port
Colborne has the anodes each surrounded by a bag.
Electrolyte is gravity fed to each of the electrowinning cells
and electrolyte that flows through the bags into the
individual anode compartments is withdrawn under
vacuum, along with oxygen generated at the anode. This
innovative, patented design significantly reduces airborne
acid and cobalt in the tankhouse. This system also allows
greater flexibility in electrolyte feeding arrangements. A
portion of the electrolyte fed to the cobalt electrowinning
cells exits the cells via an overflow box and is recycled. In
this way, feed flow control is independent of the anode
bag properties, and catholyte pH control becomes easier.
The cobalt electrowinning process developed by Inco for
implementation at Port Colborne is the current “state of
the art” in the industry.

Biohydrometallurgy

biogenic sulphide using sulphate as the sulphur source,
while reducing shipping, handling and storage concerns by
minimizing the inventory of sulphide required on site.
The BioSulphide process has operated commercially to
treat wastewater at the Caribou Mine (NB, Canada) from
2001 to 2007 and the Bisbee Mine (AZ, USA) from 2004 to
2010. The BioSulphide plant at the Bisbee mine currently
treats 2,800,000 m3 of waste water annually while
recovering almost 600 t/y of copper as sulphide.
Sulphur
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Ball Mill
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Figure 32. Flow diagram for the BioSulphide™ Process
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BioteQ Environmental Technologies Inc. has developed the
BioSulphide™ process to produce low cost biogenic
sulphide reagents to remove metals selectively from
metal-contaminated water, such as acid-rock drainage
(ARD) (BioteQ, 2010; Bratty et al., 1993). This technology is
an alternative to conventional lime-based waste water
treatment technologies for meeting increasingly stringent
environmental standards for waste water and has the
added advantage of being able to recover metals from
waste waters as high grade sulphide materials for potential
sale.
The BioSulphide process produces H2S by reacting
elemental sulphur with an electron donor, such as acetic
acid, in the presence of sulphur-reducing bacteria under
anaerobic conditions in a bioreactor, using the following
reaction.
4 S⁰ + CH3COOH + 2 H2O → 4 H2S + 2 CO2
Bacteria act as catalysts for this reaction, allowing it to
proceed at low temperature and pressure (i.e., 25ºC and
3 kPa(g)), in a conventional stirred tank bioreactor. Gas is
passed from this vessel to an agitated anaerobic contactor
to precipitate metals from metal-contaminated water or
acid rock drainage solutions as metal sulphides, which are
then recovered from the solution in a conventional
clarifier-filtration circuit (Figure 32).
Depending on the specific application, the BioSulphide
process can produce sulphide reagent at lower cost for the
treatment of wastewater, relative to purchasing chemical
sulphide reagents (e.g., NaHS, Na2S, H2S) or to producing
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Figure 33. Flow diagram for the HydroZinc™ Process
HydroZinc™ Process (Cominco)
The HydroZinc™ process was developed by Cominco (now
Teck Resources Ltd.) as an effort to find a low cost zinc
processing route that would allow for development of new
green-field projects that could be economically
competitive with established zinc production facilities,
even at zinc prices around historic lows. The resulting
process (see Figure 33) is based on a biologically assisted
heap leach to allow zinc to be recovered directly from zinc
sulphide ores without further upgrading by flotation.
Following heap leaching, the solution is treated by
neutralization to precipitate ferric iron, solvent extraction
with di-(2-ethyl hexyl) phosphoric acid (DEHPA) to extract
zinc from the solution, and electrowinning to recover SHG
zinc from the purified electrolyte. Raffinate from solvent
extraction is recycled to the heap. Neutralization of a
solution bleed is used to maintain the water balance,
control the levels of impurities in the process and recover
zinc as basic zinc sulphate (BZS), which is recycled to
neutralization.
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A demonstration plant was built at Teck’s Kimberly
mine and commissioned in 2001. The plant operated for
two years, processing 10 000 t of zinc sulphide ore in two
heaps and producing approximately 1 t of zinc cathode per
day (Lizama et al., 2003).

Environmental
Inco SO2/Air Cyanide Destruction
The removal of cyanide from gold mine tailings and
effluents has become an essential component of gold mill
process design over the past 30 years, as environmental
regulation has tightened in the industry. Perhaps the most
effective and most widely adopted method of destroying
residual cyanide from gold mill tailings slurries and pond
effluents is the Inco SO2/Air cyanide destruction process,
which was developed in-house by Inco in the late 1970s
and has been widely licensed internationally since 1984
(Devuyst et al., 1991; Robbins, 1996).
Staff at Inco’s J. Roy Gordon Research Laboratory had
previously worked for several years on various potential
applications of the SO2/Air oxidation system. Under certain
conditions this oxidizing system can generate redox
potentials as high as 1000 mV (SHE), which makes it a
strong oxidizing agent comparable to chlorine, ozone or
Caro’s acid. Among the applications studied were the
production of nickelic hydroxide (Nickel Black) for use in
the selective precipitation of cobalt(III) hydroxide from
nickel-cobalt leach solutions (Ettel et al., 1979) and the
oxidation of ferrous ion to the ferric form for iron removal
from nickel leach liquors.
Application of the SO2/Air system to cyanide
destruction came out of work on the development of a
flotation process for separating pyrrhotite from
pentlandite and chalcopyrite in Sudbury and Thompson
ores, as part of Inco’s long term objective of reducing SO2
emissions from its smelters (Robbins, 1996). Cyanide
proved to be an effective depressant for pyrrhotite, but its
industrial use would contaminate the mill effluent with
cyanide. The SO2/Air system was seen as a potential
method of treating the cyanide containing effluent. Initial
test work showed promise and it was found that SO2/Air
would oxidize cyanide when catalyzed by a low
concentration of copper in solution.
Although Inco did not adopt the use of cyanide as a
pyrrhotite depressant in its mills, it was recognized that
the SO2/Air cyanide destruction process would be an
effective lower cost alternative to the use of alkaline
chlorination or hydrogen peroxide in the gold industry and
the decision was made to offer it for license to other
companies (Borbely et al., 1984; Devuyst et al., 1989). A
small technical marketing group was established, under
the leadership of Erik Devuyst, one of the inventors of the
process, to provide process design and technical support to
licensees. The process had been licensed by over 100
companies when the patent expired in 2001.

The process oxidizes both free-cyanide (CN-) and
cyanide weakly complexed with metals such as copper,
zinc and nickel to cyanate (OCN-), which is two orders of
magnitude less toxic than cyanide. Any cyanide complexed
with iron is removed as an insoluble ferrocyanide salt. Any
thiocyanate (SCN-) present is also oxidized. The oxidizing
agent is a combination of SO2 plus oxygen in the presence
of a soluble copper catalyst, with the active oxidant
believed to be the SO52- ion. Slaked lime is added to
neutralize sulphuric acid generated in the process and to
control pH in the optimum range of 7 to 10.
The chemistry may be represented by the following
equations:
CN- + SO2 + O2 + H2O → OCN- + H2SO4
Me(CN)42- + 4SO2 + 4O2 + 4H2O → 4OCN- + 4H2SO4 + Me2+
(Me = Zn, Cu, Ni, Cd, etc.)
H2SO4 + Ca(OH)2 → CaSO4.2H2O
MeSO4 + Ca(OH)2 + 2H2O → Me(OH)2 + CaSO4.2H2O
2 Me 2+ + Fe(CN)6 4- → Me2Fe(CN)6
The SO2/Air system can use liquid or gaseous SO2, as
well as aqueous solutions of sulphite salts, depending on
local availability. The process can be applied to the
detoxification of gold and silver mining waste streams,
such as carbon-in-pulp tailings, barren solution bleeds,
pond waters and heap leach rinse solutions, as well as
plating shop waste solutions. The flow sheet for a typical
cyanide destruction circuit is shown in Figure 34 (Robbins,
1996).
CuSO4
Solution

Lime
Slurry

Reaction
Vessel
Cyanide-Free
Stream to
Environment
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Figure 34. The Inco SO2/Air Cyanide Destruction Process
Jarofix Process (CEZinc)
Jarosite residues are often produced during the treatment
of solutions from hot acid leaching of zinc ferrite, which is
a byproduct from roasting iron-containing zinc
concentrates in roast-leach-electrolysis plants. These
jarosite residues are easily filterable, but they are not
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physically or chemically stable and often contain significant
amounts of entrained Cd, Pb and Zn. As a result, these
residues normally need to be contained in specially
constructed ponds for long term storage and
environmental monitoring.
The Jarofix process was developed by Canadian
Electrolytic Zinc (CEZinc) to stabilize the jarosite residues
produced at their zinc refinery in Valleyfield, QC (Seyer et
al., 2001). In this process, iron leached during the
treatment of zinc ferrite materials is precipitated by
addition of sodium carbonate to produce Na-jarosite. This
precipitate is filtered and washed, with the washed residue
mixed with lime and then subsequently with Portland
cement. The jarosite partially decomposes through
reaction with the Portland cement to produce an inert
solid waste with good mechanical strength, low hydraulic
conductivity, a high neutralization capacity, and long term
chemical stability. The process was commissioned at
Valleyfield in 1998 and is currently used to treat
160,000 t/y of jarosite residues.
Arsenic Precipitation
Canadian companies have been major contributors in
developing and implementing technologies for the fixation
of arsenic from process solutions or waste materials. These
developments treat waste solutions to precipitate arsenic
in an environmentally stable form, and have allowed plants
to expand or replace existing operations processing high
arsenic feeds, while significantly reducing environmental
liabilities.
Many of these developments have centered around
the precipitation of crystalline iron arsenates, such as ferric
arsenate (FeAsO4), scorodite (FeAsO4·2 H2O) or Type II
ferric arsenate (Fe3(AsO4)2(OH)(SO4)), which have been
shown to exhibit long term stability under ambient
conditions. The precipitation of these compounds is an
important feature in Vale Inco’s CRED process (see above),
in the treatment of gold-bearing arsenopyrite concentrates
with pressure oxidation (see above), such as at the
Campbell Mine in Balmerton, ON, and in the fixation of
arsenic from As2O3-rich dusts, as was practiced at the Con
Mine in Yellowknife, NWT. In the last example, pressure
oxidation of arsenopyrite concentrates was combined with
treatment of stockpiled arsenic-containing residues from
an earlier roasting operation at the mine site, to produce
residues with better long term stability (Maltby, 1992). At
both the Campbell and Con mines, pressure oxidation
technology was implemented to replace existing roasting
operations completely.
Processes for co-precipitation of arsenic with ferric
iron from process or effluent streams under atmospheric
conditions have also been developed and operated
commercially at the Horne Smelter (Xstrata Copper), the
Hemlo Mine (Barrick Gold), and the Giant Mine (Miramar
Mining) (Riveros et al., 2001).
Researchers at McGill University have also developed

a method for precipitating crystalline scorodite under
atmospheric pressure and temperatures, which has
advanced to in-plant trials on acid plant effluents (Filippou
and Demopoulos, 1997; Filippou et al., 2007).
Eco-Tec Acid Purification Unit (APU™)
Recovery of metals from acidic solutions with high metals
concentrations, such as those generated in base metals
refineries or in the metal-finishing industry, is a challenge
using conventional technology and generally results in
losses of metal values or high costs for neutralizing the acid
associated with these streams. Conventional ion exchange
technology is not well suited to these applications due to
the high concentrations of metals and acid in these
solutions.
Eco-Tec Inc., in Pickering, Ontario, developed a novel
ion exchange system to recover strong mineral acids from
dissolved metal salts in 1976. The Eco-Tec Acid Purification
Unit (APU™) is based on Eco-Tec’s Recoflo™ ion exchange
technology, which uses a combination of fine particle size
ion exchange resins, short cycle times and countercurrent
stripping to significantly increase the amount of flow
possible through ion exchange columns and significantly
reduce the size and equipment footprint of the column
required (Sheedy, 1998).
Acid-bearing solution is fed to the APU column where
acid is loaded onto the resin, leaving solution containing
the majority of the input metals, but with an acid
concentration up to 90% lower than the feed solution. The
resin column is then flushed counter-currently with water
to recover a purified acid product, which can be recycled
or reused within the operating plant.
The process uses little energy and no specialized
chemicals for stripping and generally represents a low cost
alternative to other conventional processes for treatment
of bleed solutions from the metals industry. Over 300 APU
units have been installed in over 40 countries; applications
have included treating acidic metal bearing solutions from
pickling of stainless steel, chrome plating operations, and
base metal refineries. The installation of a full scale APU
unit at Xstrata Copper’s Kidd Creek refinery in 1985 is one
example of the commercial application of this process. In
the Kidd Creek refinery, the APU unit was used to recover
up to one tonne per day of nickel and copper from a
refinery bleed stream.
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